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Summary
The integration of reaction and separation tasks in one process unit represents a potential
advantage for overcoming reaction limitations, such as reaction equilibrium. The design
of reactive separation units based on specific reactions has been widely discussed in the
literature. However, few approaches have been made towards the systematic generation,
evaluation and analysis of reactive separation configurations in the early stage of process
synthesis.
Reactions limited by chemical equilibrium are common in the industry and it is known that,
from the definition of the equilibrium constant, the amount of product that is produced
through a reversible reaction can be increased by continuously removing one of the reaction
products from the reactor.
The fast evaluation of alternatives in process synthesis is done with simple models. How-
ever, for the consideration of reactive separation of equilibrium-limited reactions, modeling
of reaction kinetics, reaction equilibrium and phase equilibrium needs to be considered: it is
important to set up simple yet reliable models.
A systematic method has been developed to analyze and evaluate alternative reaction-separation
configurations based on phase equilibrium. The step-by-step procedure for the problem for-
mulation and solution is given in terms of a workflow consisting of nine steps. A generic simple
model for reaction-separation units has been set up and its use throughout the workflow has
been defined. In addition, supporting methods and tools have been described, including
algorithms, a knowledge base and software tools.
Esterification reactions are used as case studies to show the method application due to their
characteristics: the interest of their products, their equilibrium limitation, and the charac-
teristics of their phase equilibrium (azeotropes and liquid phase split).
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Roman symbols
Ai, Bi, Ci Antoine coe cients of species i
a↵i Activity of component i in phase ↵ [–]
a i Activity of component i in phase   [–]
F↵i Molar flow rate of liquid ↵ [mol h
 1]
F  i Molar flow rate of liquid   [mol h
 1]
F vi Molar vapor flow rate of component i [mol h
 1]
mtot,0 Total initial mass of reactants and products [g]
m↵cat Mass of catalyst in phase ↵ [g]
m cat Mass of catalyst in phase   [g]
m↵i,0 Initial mass of reactants and products in phase ↵ [g]
n↵i,0 Initial number of moles of reactants and products in phase ↵ [mol]
m i,0 Initial mass of reactants and products in phase   [g]
n i,0 Initial number of moles of reactants and products in phase   [mol]
MWi Molar weight of component i [gmol 1]
Ni Number of moles of component i in the reactor [mol]
ni Number of moles of component i [mol]
n↵i Number of moles of component i in phase ↵ [–]
n i Number of moles of component i in phase   [–]
N tanki Number of moles of component i in the tank [mol]
nj Number of moles of component j [mol]
n0,j Initial number of moles of component j [mol]
xv
Ntot Total number of moles [mol]
P Pressure [bar]
P sati Vapor pressure of component i [bar]
r↵ Reaction rate in phase ↵ [mol h 1]
r  Reaction rate in phase   [mol h 1]
rhoi Molar density component i [Lmol 1]
T Temperature [K]
t Time [h]
Tazeo Azeotropic temperature [K]
Tbp Boiling point temperature [K]
teq Time required to reach equilibrium [h]
Tfix Constant temperature specified by the user [K]
Tmax Maximum temperature of the liquid phase range [K]
Tmin Minimum temperature of the liquid phase range [K]
V ↵ Volume of liquid phase ↵ [l]
V   Volume of liquid phase   [l]
x Molar fraction in the liquid [–]
Xi Conversion of reactant i [–]
xi Molar fraction of component i in the liquid
x↵i Molar fraction of component i in phase ↵ [–]
x i Molar fraction of component i in phase   [–]
xtanki Molar fraction of component i in the tank [–]
y Molar fraction in the vapor [–]
yi Molar fraction of component i in the vapor
Yji Yield of reactant i to product j [–]
Greek symbols
 ↵i Activity coe cient of component i in phase ↵ [–]
  i Activity coe cient of component i in phase   [–]
xvi
  Catalyst weight fraction [–]
⌫i Stoichiometric coe cient of component i [–]
 vi Fugacity coe cient of component i in the vapor phase [–]
 Vaporization coe cient [–]
rho↵ Molar density of phase ↵ [Lmol 1]
rho  Molar density of phase   [Lmol 1]
rhoi Molar density component i [Lmol 1]
 i Removal fraction of component i [–]
⌧↵ Fraction of liquid phase ↵ [–]
⌧  Fraction of liquid phase   [–]
Subscripts
0 Initial
↵ Liquid phase ↵
  Liquid phase  
i Component i
k Number of iteration
r Reaction
tot Total
v Vapor phase
Binary variables
⇠↵ Existence of liquid phase ↵
⇠  Existence of liquid phase  
⇠↵f Existence of flow out from liquid phase ↵
⇠ f Existence of flow out from liquid phase  
⇠vf Existence of flow out from the vapor phase
⇠↵r Existence of reaction in liquid phase ↵
⇠ r Existence of reaction in liquid phase  
⇠v Existence of vapor phase
xvii
Abbreviations
A Algorithm
AE Algebraic equation
EOS Equation of state
LLE Liquid-liquid equilibrium
NC Number of components
NP Number of products
NR Number of reactants
ODE Ordinary di↵erential equation
PI Process intensification
SA Sub-algorithm
VLE Vapor-liquid equilibrium
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1Introduction
1.1 Overview of process synthesis
Chemical and bio-chemical industries produce value-added products from a variety of raw
materials. Changes in the availability of raw materials and energy, the ecological and health
constraints and the market requirements result in the need for chemical process industries
to identify new processing routes to obtain known chemicals or to develop new chemicals
(Fornari et al., 1989). The thorough development of the process for the manufacture of
chemicals is referred as process design (Biegler et al., 1997). Process synthesis is the step
in the preliminary stage of process design that consists in creating the process flowsheet by
selecting the component parts and interconnections between them (Nishida et al., 1981). A
more updated definition of process synthesis is given Babi and Gani (2014): “Process synthesis
is to find the best processing route, among numerous alternatives for converting given raw
materials to specific desired products subject to predefined performance criteria”.
The synthesis of chemical processes is a complex task that involves decision making. There-
fore, the development of systematic methods for solving the synthesis problem has been
addressed by many authors (Barnicki and Siirola, 2004).
A variety of requirements (economical, environmental, energy-saving, optimal resource man-
agement, etc.) drive industries to develop new reaction paths to utilize raw materials, in-
termediate by-products and waste in a more e cient manner towards the development of
sustainable processes (Nishida et al., 1981; Fornari et al., 1989). Di↵erent kinds of process
synthesis methods are known based on: experience, evolution, pure mathematical formula-
tions, systematic generation of alternatives, and hybrid methods (Barnicki and Siirola, 2004).
Reaction path synthesis - the first synthesis step
The syntehsis of new chemical reaction paths and selection of an attractive sequence of
reactions is an objective within the general field of process synthesis. It is, more specifically,
the first synthesis step and of fundamental importance in the chemical process industry
(Govind and Powers, 1981).
The synthesis tree (figure 1.1) represents all the reaction routes that lead from all available
raw materials to all chemical products. As one moves up in the synthesis tree (from the roots
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to the leaves) the number of alternatives increases.
RAW
MATERIALS
BASIC
PRODUCTS
INTERMEDIATE
PRODUCTS
FINAL
PRODUCTS
Natural gas Biomass
Petroleum
Coal
Air
Plastics
Pharmaceuticals
Solvents
Cosmetics
CO2
Biofuels
Figure 1.1: A conceptual representation of reaction path synthesis: the synthesis tree.
The reaction path synthesis problem is a large and complex problem that comprises synthesis,
analysis and evaluation of alternative reaction paths. Therefore, reaction path synthesis tools
must deal with a large number of alternative chemistries and su cient information to evaluate
each of them.
Managing the complexity
The selection of the reaction path to produce a desired product is one example of the complex
decision-making tasks involved in the synthesis of a chemical process. In the early stage
design of processes, multiple alternatives need to be considered: this represents a challenge
and requires an e cient and systematic way of managing the complexity of the problem. This
is done, in many cases, through partioning the problem into a set a sub-problems (Barnicki
and Siirola, 2004).
Process limitations
In reaction path synthesis, a reaction path is selected: indicators of the reaction characteristics
and performance are used for the screening of alternatives. However, improvements of the
reaction performance that could achieved through integration of various process tasks are
not taken into account. A quick and reliable assessment of the possible improvement of
reactions could be integrated to the reaction selection process so that the screening out of
viable alternatives based on a limitation that could be overcome through PI is avoided.
1.2 Overcoming reaction and separation limitations
Reaction and separation design are, according to Douglas (1988), the cores of the design. The
main limitations of the reaction and separation process tasks are identified by Lutze (2011)
and are listed in table 1.1.
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Table 1.1: Reaction and separation limitations (Lutze, 2011)
Reaction limitations Separation limitations
High capital costs, large volumes, large number of units High energy consumption
Low selectivity High capital costs, large volumes, large number of units
Unfavorable equilibrium / low yield Di cult separation (low driving force)
High energy consumption Limiting equilibrium, azeotrope
Limited heat transfer Limited mass transfer
High contacting
There is a clear interaction between reaction and separation in chemical processes. The
downstream process inlet corresponds to the reactor outlet, so enhancements of the reactor
performance may have a significant e↵ect on the design of the separation sequence. In some
cases, it is desirable to couple reaction and separation in a process unit, which is referred as
process intensification (PI). The application of PI for reaction and separation is motivated
by a potential significant reduction of costs by integration of chemical reaction and physical
separation in one single unit due to decreasing the raw material usage, increasing conversion
or selectivity and/or decreasing the energy consumption (Schembecker, 2005).
Equilibrium-limited reactions
A rather common limitation of reactions used for the production of chemical products is
chemical equilibrium. Reversible reactions have limited yield, which is related to the equi-
librium constant. The rate and equilibrium conversion of a chemical reaction depend on
temperature, pressure, and composition. However, pressure dependence is usually neglected
since it does not have significant e↵ects at the industrial operating pressure range.
Even though many industrially relevant reactions are not carried to equilibrium, equilibrium
considerations can influence the choice of operating conditions. In addition, the equilibrium
conversion represents an indicator used to measure improvements in the reaction (Smith et al.,
2005).
Integration of reaction and separation
The integration of reaction and separation for reversible reactions is an interesting option for
equilibrium limited reactions, if separation of one of the reaction products is achieved.
The equilibrium constant of a reaction of the type A + B↵ C+D, as an illustrative example,
is:
K =
a3a4
a1a2
(1.1)
where ai is the activity of compound i. The equilibrium constant is a constant value for a
given temperature.
When a reaction product is removed from the reactor, its activity decreases. This drives the
reaction far from equilibrium conditions and the system tends to resist this disturbance by
an opposite action. In the case of product removal, more of the removed product in order for
the system to move towards equilibrium. Equilibrium conditions for reversible reaction are
given by  G = 0.
3
Chapter 1. Introduction
Table 1.2: Phase systems in reactive separation units, adapted from (Schembecker and Tlatlik, 2003)
Reaction phase Transport phase Measure to generate interfacial area Name
Liquid Vapor - Reactive distillation
Liquid Liquid - Reactive extraction
Liquid Liquid Solvent Reactive extraction
Liquid Vapor Gas Reactive stripping
Liquid Liquid Membrane Reactive membrane process
Liquid Vapor Membrane Reactive pervaporization
Liquid Solid - Reactive crystallization
Liquid Solid Adsorbent Reactive absorption
Gas Liquid - Reactive condensation
Gas Solid Adsorbent Reactive absorption
Gas Liquid Solvent Reactive absorption
The integration of reaction and separation generally requires two phases: one phase is the
reaction phase while the other one is referred as the transport phase, reaction occurs in the
reaction phase while the transport phase serves to transport material or energy (Schembecker
and Tlatlik, 2003). A list of phase systems and the corresponding reactive separation units
is given in table 1.2.
1.3 Existing approaches for the systematic generation and evalu-
ation of alternative reaction-separation configurations
Di↵erent approaches are used for the design of reactive separations. The design of reactive
separation units for specific cases is widely discussed in the literature, an example is the case
of ethyl acetate production (Tang et al., 2003). However, few approaches have been made
to address the generation and evaluation of reactive separation configurations in the early
stage of process synthesis (Doherty, 1992). This might be due to the combination of physical
and chemical phenomena, which increases the problem complexity (Schembecker and Tlatlik,
2003).
The potential advantages of the use of integrated process units (reduction of raw material
usage, increase of conversion, energy integration, lesser number of units) call for the develop-
ment of systematic methods that can be used in an early stage of the synthesis task for fast
generation and evaluation of alternatives.
Schembecker and Tlatlik (2003) proposed a systematic framework to address the consideration
of various alternative reaction-separation configurations the early stages of process design. A
systematic methodology to generate PI options improving a target specification has been
developed by Lutze (2011): the alternatives are generated at the phenomena level, hence
allowing the consideration of novel solutions.
1.4 Motivation and objectives of the thesis
The systematic generation and evaluation of alternative intensified reaction-separation schemes
from an early stage of the synthesis process is identified as a need due to the potential ben-
efits, in terms of sustainability, of the use of intensified schemes in chemical processes. A
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common reaction limitation that can be overcome through integration of reaction and sepa-
ration is chemical equilibrium. The thorough understanding of the reaction kinetics, chemical
equilibrium and phase behavior of the reacting system is key for the application of intensified
process configurations.
In the early stages of process design, in order to allow for the evaluation of a vast number of
alternatives, simple process models are used. However, the phase behavior complexity should
be taken into account when evaluating alternative intensified configurations complex reaction
systems (for example, esterification).
The objective of this MSc thesis is to develop a systematic method for the evaluation and
analysis of phase equilibrium based reaction-separation configurations. The cases of liquid-
vapor and liquid-liquid phase systems without using any measure to generate interfacial area
are considered (see table 1.2). The method should include a complete study of the reaction
system in terms of reaction kinetics and phase equilibria, a feasibility test to determine the
viability of improving reaction characteristics by coupling reaction and separation and a more
detailed evaluation of the specific alternatives. Specific alternatives should be evaluated
through model-based studies of the reaction-separation system. The models used for this
purpose should be able to represent the system behavior in terms of chemical and physical
equilibrium yet able to provide reliable results in a fast and e cient manner.
5

2Theoretical background
2.1 Condition for equilibrium
A system is in equilibrium when all forces are in balance and the thermal interaction is not
acting. Equilibrium conditions di↵er from steady state conditions in that during steady states
net interactions are constant with time, while at equilibrium net interactions are not merely
constant but zero. According to Le Chatelier’s principle, when equilibrium conditions are
disturbed by a small interaction, the system tends to resist the interaction (O’Conell and
Haile, 2005).
2.2 Chemical reaction equilibrium
The condition of equilibrium for a reaction is reached when Gt attains its minimum value,
which corresponds to the condition when
 
dGt
 
T ,P
= 0 (2.1)
Which can also be written as
X
i
⌫iµi = 0 (2.2)
The definition of the chemical potential of a species in solution is
µi =  i (T ) +RT ln fˆi (2.3)
And
G i =  i (T ) +RT ln f
 
i (2.4)
Subtracting equations 2.3 and 2.4:
µi  Gi = RT ln fˆi
f i
(2.5)
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Combining equations 2.2 and 2.5 one obtains:
ln
Y
i
(fi/f
 
i )
⌫i =   
P
i ⌫iG
 
i
RT
(2.6)
From which thre equilibrium constant of a reaction is:
K ⌘ exp
✓  G 
RT
◆
(2.7)
Equation 2.7 can be used for the prediction of K based values of  G  (from measurements
or prediction methods). However, when the equilibrium constant has a low value, which is
the case for reversible reactions, small errors in  G  can give significant deviations of K.
2.3 Phase equilibrium
Thermodynamic phase equilibrium includes: thermal equilibrium (uniformity of tempera-
ture), mechanical equilibrium (uniformity of pressure) and chemical equilibrium (equality of
chemical potentials, i.e. equality of fugacities).
2.3.1 Vapor-liquid equilibrium (VLE)
2.3.1.1 The (     )-approach
The (     )-approach is an approach to calculating the VLE using an excess Gibbs energy
model for the liquid phase and an equation of state (EoS) for the vapor phase (Smith et al.,
2005).
The fundamental criterium for phase equilibrium is the equality of chemical potentials, which,
since all phases in equilibrium are at the same temperature, is equivalent to the equality of
fugacities. For multicomponent vapor-liquid equilibrium:
fvi = f
l
i (2.8)
where fvi is the fugacity of chemical species i in the vapor phase and f
l
i is fugacity of the
same chemical species i in the liquid phase.
For species i in a vapor mixture:
fvi = yi iP (2.9)
For species i in a liquid mixture:
f li = xi ifi (2.10)
Equation 2.8 is now written as:
yi iP = xi iP
sat
i (2.11)
At low temperatures, the vapor nonideality is commonly neglected, hence  i = 1 (Smith
et al., 2005).
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2.3.2 Liquid-liquid equilibrium (LLE)
2.3.2.1 Phase stability
The problem of determining the stability of liquid phase mixtures is relevant for modeling
of liquid phase systems. Being able to determine the stability of a liquid phase of known
composition at given conditions translates into not solving phase equilibrium problems when
phase equilibrium does not occur (O’Conell and Haile, 2005).
The common stability behaviour of binary liquid mixtures is described in this section. The
two main approaches to determining phase stability from models are: (i) using equations
of state, and (ii) using the excess Gibbs energy (GE). Models for equations of state are
preferred for predicting the vapor-liquid phase separations, while the stability of liquid-liquid
equilibrium is usually determined using models for GE (O’Conell and Haile, 2005).
In general, an excess property of a solution is defined as the di↵erence between the actual
property value of the solution and the value it would have as an ideal solution at the same
conditions (temperature, pressure, and composition) (Smith et al., 2005), for example:
GE = G Gid (2.12)
where GE is the excess Gibbs energy, G is the Gibbs energy of the solution, and Gid is the
Gibbs energy of the ideal solution at the same conditions.
The Gibbs energy of the ideal solution is:
Gid =
X
i
xiGi +RT
X
i
xi lnxi (2.13)
The Gibbs energy change of mixing is:
 Gmix = G 
X
i
xiGi (2.14)
Combining equations 2.12, 2.13, and 2.14, the Gibbs energy change of mixing can be expressed
in terms of the excess Gibbs free energy:
 Gmix = RT
X
i
xi lnxi  GE (2.15)
Which can also be rearranged to:
 Gmix
RT
=
X
i
xi lnxi +
GE
RT
(2.16)
The excess Gibbs energy of a mixture can be expressed as a function of the activity coe cient
as:
GE
RT
=
X
i
xi ln  i (2.17)
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Equations 2.16 and 2.17 are combined and written for a binary system as:
 Gmix
RT
= x1 lnx1 + x2 lnx2 + x1 ln  1 + x2 ln  2 (2.18)
The stability of a liquid phase containing two components with molar fractions x1 and x2 can
be determined from the trend of the Gibbs energy change of mixing function. The typical
shapes of  Gmix/RT are shown in figure 2.1.
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Figure 4.4. The most common shapes for the function !Gmix/RT. 
The fact that the second derivative of the function !Gmix/RT does not identify the 
‘real’ immiscibility gap, while the tangent plane condition does, needs some 
explanations.  
Fig. 4.5a shows the plot of !Gmix/RT and its first and second derivatives for the 
system ethanol + hexadecane (the system chosen for purpose of illustration). The 
second derivative becomes zero for x1! = 0.62 and x1" = 0.92, but this range is not 
the ‘real’ two phase region, since the meta-stable regions (where the mixture is 
not stable) are not included in this range. Fig. 4.5b shows the plot !Gmix/RT and 
the meta-stable regions as well as the ‘real’ miscibility gap and the ‘apparent’ 
miscibility gap (the one identified analyzing the sign of the second derivative of 
the function !Gmix/RT). 
The points defining the ‘real’ immiscibility gap can be graphically illustrated as 
shown in Fig. 4.6, and they correspond to the tangent points found by drawing a 
tangent line (y = at#x1 + bt, with at and bt the slope and the intercept, 
respectively) to the !Gmix/RT surface, which has also to lie under the same 
!Gmix/RT surface. The mathematical expression for this condition is: 
( )1 10      
mixGTPD at x bt x
RT
∆
= − ⋅ + ≥ ∀      (4.29) 
TPD is the tangent plane distance, which corresponds to the distance between the 
function !Gmix/RT and its tangent at every trial compositions. 
The interpretation of this graphical solution from a thermodynamic point of view 
is the following: all the feed compositions z1 in between the immiscibility gap 
[x1$,x1%] will split into two different phases of compositions x1$ and x1% ($ and % 
are the right phases in equilibrium) since the value of the Gibbs energy of mixing 
of the two phases is lower than the value at the feed composition z1. 
0.0 0.2 0.4 0.6 0.8 1.0
-0.2
-0.1
0.0
0.1
0.2
c
b2
b1
 
 
 molar fraction 
a
∆Gmix/RT
Figure 2.1: Common shapes of the  Gmix/RT function for binary mixture (Conte, 2010).
The stability of a binary liquid mixture at a given temperature and pressure can be determined
from the plot of  Gmix/RT vs x1 by identifying it to one of the shapes represented in figure
2.1:
• Type a: completely immiscible mixture.
• Type b1: mixture splits into two phases in the composition range where the function 
 Gmix/RT
 
> 0.
• Type b2: even though
 
 Gmix/RT
 
> 0 in the whole composition range, the second
derivative d
 
 Gmix/RT
 
/dx21 < 0, so the mixture shows a miscibility gap. The com-
position range where the phase split occurs is not exactly determined by the points
where the second derivative changes its sign; the range may be bigger than that and it
is identified from the tangent plane condition (Baker et al., 1982).
• Type c: completely miscible mixture, one liquid phase in the whole composition range.
2.3.2.2 The (     )-approach
Equilibrium criteria for LLE are the same as for VLE: uniformity of T , P , and fˆi, for each
chemical species i in both liquid phases. Which is:
f↵i = f
 
i (2.19)
Equation 2.19 becomes:
x↵i  
↵
i f
↵
i = x
 
i  
 
i f
 
i (2.20)
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where  ↵i (x
↵
i ,T ,P ) and  
 
i
⇣
x i ,T ,P
⌘
are the activity coe cients of species i in phase ↵ or
 .
At low temperatures, the pressure-dependence of the activity coe cient may be ignored:
x↵i  
↵
i = x
 
i  
 
i (2.21)
Di↵erent types of liquid-liquid phase behavior are observed for di↵erent systems (figure 2.2):
the behavior shown in figure 2.2d is rather uncommon, the one shown in figure 2.2c also does
not often occur due to another phase intersecting with the liquid-liquid phase diagram (either
solid or liquid equilibrium). In this work, all binary mixtures are considered of the type in
figure 2.2a.
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9.3.6 Binary Liquid-Liquid Equilibria
In § 8.4.5 we described the stability conditions that, when violated, can cause a one-
phase liquid mixture to separate into two liquid phases. We also showed in Figure
8.20 an isobaric, liquid-liquid, Txx diagram on which one-phase states divide into sta-
ble, metastable, and unstable states. Liquid-liquid separations occur in nonideal mix-
tures that have strong positive deviations from ideal-solution behavior; in such
mixtures the activity coefficients become much greater than unity. This occurs when
attractive forces between molecules of the same species are stronger than those
between molecules of different species. Liquid-liquid separations have never been
observed in mixtures that are negative deviants over the entire composition range.
The Txx diagram shown in Figure 8.20 is typical of most binary liquid-liquid sys-
tems: the two-phase curve passes through a maximum in temperature. The maximum
is called a consolute point (also known as a critical mixing point or a critical solution
point), a d since T is a maximum, the mixture is said to have an upper critical solution
temperature (UCST). A particular example is phenol and water, shown in Figure 9.13.
At T > Tc, molecular motions are sufficient to counteract the intermolecular forces that
cause separation.
A few binaries have lower critical solution temperatures (LCST), in which the mix-
ture is a one-phase liquid at low temperatures, but splits into two liquid phases at
high temperatures. Solutions forming LCSTs include mixtures of a light hydrocarbon
and a substance composed of small polar molecules (such as carbon dioxide or ethyl
ether), mixtures of a short-chain hydrocarbon and a long-chain hydrocarbon, mixtures
of water with a glycol ether or an organic base or a surfactant, and mixtures of a poly-
mer with a hydrocarbon. An example is presented on the right in Figure 9.13. 
In many mixtures having LCSTs, relatively strong attractive forces act between
molecules of different species as well as between molecules of the same species; often
such forces are caused by hydrogen bonding. At low temperatures T < Tc attractions
between unlike molecules dominate and prevent a liquid-liquid split. But the strength
Figure 9.13  Left: Mixtures of phenol (C6H6O) and water have a UCST near 67°C and 0.35
weight fraction phenol [8–11]. Right: Mixtures of triethylamine(1) (C6H15N) and water(2) have
an LCST near 18.3°C and x1 ≈ 0.095 [12].
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9.3.6 Binary Liquid-Liquid Equilibria
In § 8.4.5 we described the stability conditions that, when violated, can cause a one-
phase liquid mixture to separate into two liquid phases. We also showed in Figure
8.20 an isobaric, liquid-liq id, Txx di gram on which one-phase states ivide into sta-
ble, metastable, and unstable states. Liquid-liquid separations occur in nonideal mix-
tures that have strong positiv  deviations from ideal-solution behavior; in such
mixtures the activity coefficients beco e much greater tha  unity. This occurs when
ttractive forces b tween molecules of the same species are stronger than those
b tween molecules of different species. Liquid-liquid separations hav  never been
observed in mixtures that are negative deviants over the entire compositio  range.
The Txx di gram shown in Figure 8.20 is typical of most binary liquid-liquid sys-
tems: the two-phase curve passes through  maxi um in temperature. The maxi um
is called a c nsolute point (also known as a critical mixing point or a critical solution
point), and since T i   maxi um, the mixture is sai  to have n upper critical solution
temperature (UCST). A particular example is phenol and water, shown in Figure 9.13.
At  > Tc, molecular motions are sufficient to counteract the intermolecular forces that
cause separation.
A few binaries have lower critical solution temperatures (LCST), in which the mix-
ture is a one-phase liquid at low temperatures, but splits into two liquid phases at
igh temperatures. Solutions forming LCSTs include mixtures of a light hydrocarbon
and a substance composed of small polar molecules (such s carbon dioxide or ethyl
ether), mixtures of a short-chain hydrocarbon and a long-chain hydrocarbon, mixtures
of water with a glycol ether or an organic base or a surfactant, and mixtures of a poly-
mer wit  a hydrocarbon. An example is presented on the right in Figure 9.13. 
In many mixtures having LCSTs, relatively strong ttractive forces act b tween
molecules of different species as well as b tween molecules of the same species; often
such forces are caused b  hydrogen bo ding. At low temperatures T < Tc ttractions
b twee  unlike molecules domin te and prevent a liquid-liquid split. But the strength
Figure 9.13  Left: Mixtures of phenol (C6H6O) and water have a UCST near 67°C and 0.35
weight fraction phenol [8–11]. Right: Mixtures of triethylamine(1) (C6H15N) and water(2) have
an LCST near 18.3°C and x1 ≈ 0.095 [12].
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of forces such as hydrogen bonding decrease rapidly as temperature increases, and if
the attractions between unlike molecules are weakened more than those between like
molecules, then a phase separation can occur. For mixtures composed of components
of very different molecular sizes, the entropy increase on mixing, which prevents a
phase split at low temperatures, is diminished, and a phase split can occur, if energetic
effects are large enough.
A few binaries have both a UCST and an LCST, and these divide into two classes.
Those having UCST > LCST are said to exhibit a closed solubility loop; an example is
nicotine and water, shown in Figure 9.14. Others have UCST < LCST and are said to
exhibit a miscibility gap (also shown in Figure 9.14); examples include mixtures of
methane with 1-hexene and of benzene with polyisobutene. (Some mixtures of sulfur
with a hydrocarbon (such as sulfur + benzene) also have miscibility gaps, but in these
mixtures the gap probably occurs because the molecular structure of sulfur changes
with temperature [15].) A closed loop would be observed for more binaries except that
some other phase transition intervenes as T is changed. For example, increasing T
may cause vaporization before a UCST can appear; this happens in mixtures of water
with 3-ethyl-4-methyl pyridine. Similarly, decreasing T may cause freezing before an
LCST can occur; this happens in mixtures of water and methyl(ethyl)ketone wherein
solidification prevents formation of an LCST at 1 atm.[5]. Over 6000 critical solution
points have been tabulated in a book by Francis [16].
9.3.7 Vapor-Liquid-Liquid Equilibria in Binary Mixtures
F ′-phase diagrams for binary VLLE situations combine VLE diagrams from § 9.3.2
with LLE diagrams from § 9.3.6. This is illustrated in Figure 9.15. At the high pressure
P1 of Figure 9.15, three-phase VLLE does not occur. Instead, the binary may exist in
any of four conditions: (i) a single-phase vapor at very high T, (ii) two-phase VLE at
Figure 9.14 Examples of binary mixtures that have both a UCST and an LCST. Left: Mixtures of
nicotine (C10H14N2) and water have a closed solubility loop, with UCST = 233°C and LCST =
61.5°C [13]. Right: Mixtures of 1-hexene (C6H12) and methane have a miscibility gap, with
UCST = 133.8 K and LCST = 179.6 K [14]. Pure hexene solidifies at 133.3 K, so the UCST occurs
just above the melting curve of the mixtures.
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of forces such as hydrogen bon ing decrease rapidly as temperatu  incre ses, and if
the attractions between unlik  molecules are weakened more t an those betwe n like
molecul s, then a phase separation an occur. For mixtures comp sed of components
of very different molecular siz s, the entropy increase on mixing, which prevents a
phase split at low temperatures, is diminished, and a phase split an occur, if nergetic
effects ar  large enough.
A few binaries have both a UCST and an LCST, and these divide into two classes.
T ose having UCST > LCST are said to exhibit a cl sed solubility loop; n example is
icotine and water, shown in Figure 9.14. Others have UCST < LCST and are said to
exhibit a miscibility gap (also shown in Figure 9.14); examples include mixtures of
m thane with 1-hexene and of benzene with polyisobutene. (Some mixtures of sulfur
with a hydr carbon (such as sulfur + benzene) also have miscibility gaps, but in these
mixtures the gap probably occurs b cause th  molecular st ucture of sulfur changes
with temperature [15].) A closed lo p would b  observed for more binaries except that
s m  ot er ph se tra sition int rvenes as T is changed. For example, increasing T
may cause vaporization before a UCST can appear; this happens in mixtures of water
wit  3-ethyl-4-methyl pyridine. Similarly, decreasing T may cause freezing before an
LCST an occur; this happens in mixtures of water and met l(ethyl)ketone wherein
solidification prevents formation of an LCST at 1 atm.[5]. Over 6000 critical solution
points have been tabulated in a ook by Francis [16].
9.3.7 Vapor-Liquid-Liquid Equilibria in Binary Mixtures
F ′-phase diagrams for binary VLLE situati ns combine VLE diagrams from § 9.3.2
with LLE diagrams from § 9.3.6. This is illustrated in Figure 9.15. At the high p ssure
P1 of Figure 9.15, three-phase VLLE d es not occur. Instead, the binar  may exist in
any of f ur conditions: (i) a single-ph se v por at very high T, (ii) two-phase VLE at
Figure 9.14 Examples of binary mixtures that have both a UCST and an LCST. Left: Mixtures of
icotine (C10H14N2) and w ter have a cl sed solubility loop, with UCST = 233°C and LCST =
61.5°C [13]. Right: Mixtures of 1-hexene (C6H12) and met n  have a miscibility gap, with
UCST = 133.8 K and LCST = 179.6 K [14]. Pure hexene solidifies at 133.3 K, so the UCST occurs
just above the melting curv  of the mixtures.
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Figure 2.2: Four types of constant pressure liquid-liquid phase diagrams: (a) mixture with upper critical solution
temperature (UCST), (b) mixture with lower critical solution te pearture (LCST), (c) mixture with
UCST and LCST (UCST>LCST), (d) mixture with UCST and LCST (UCST<LCST). From (O’Conell
and Haile, 2005).
For a mixture behaving as show in figure 2.2a, th vapor-liquid quilibrium curve ay (fig re
2.3b) or may not (figure 2.3a) intersect with the liquid-liquid binodal curves.
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Figure 9.15 Effect of pressure on Txy diagram for a binary mixture that exhibits vapor-liquid-
liquid equilibrium via a heterogeneous azeotrope. At high pressures (top) the VLE and LLE
regions are separated by a one-phase liquid region, and no VLLE occurs. Broken line at top is
locus of homogeneous azeotropes. But at low pressures (bottom) the VLE and LLE regions inter-
sect along an isotherm (broken horizontal line) at which the three phases coexist. Filled circles
give compositions of the three phases in equilibrium; center circle gives composition of the
vapor. Note that the change in pressure has little effect on the LLE envelope.
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Figure 9.15 Effect of pressure on Txy diagram for a binary mixture that exhibits vapor-liquid-
liquid equilibrium via a heterogeneous azeotrope. At high pressures (top) the VLE and LLE
regions are separated by a one-phase liquid region, and no VLLE occurs. Broken line at top is
locus of homogeneous azeotropes. But at low pressures (bottom) the VLE and LLE regions inter-
sect along an isotherm (broken horizontal line) at which the three phases coexist. Filled circles
give compositions of the three phases in equilibrium; center circle gives composition of the
vapor. Note that the change in pressure has little effect on the LLE envelope.
320
340
360
0 0.2 0.4 0.6 0.8 1
T  
(K
)
x1  an   y1
P1
vapor
one liquid phase
two liquid phases
320
340
0 0.2 0.4 0.6 0.8 1
T
 (K
)
x1  and  y1
P2 < P1
vapor
two liquid phases
Lα Lβ
(b)
Figure 2.3: VLE and LLE curves: (a) they do not intersect, (b) they do intersect thus VLLE occurs (O’Conell and
Haile, 2005).
Both cases shown in figures 2.3a and 2.3b are considered in this project.
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2.3.2.3 Representation of LLE
Ternary systems
For ternary mixtures at constant temperature and pressure, triangular diagrams are com-
monly used to repesent liquid-liquid equilibria: they represent a simple way to depict three
variables where two of them are independent and the third one is dependent (x1+x2+x3 = 1).
Six common types of LLE ternary diagrams are shown in figure 2.4.
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9.6.2 Liquid-Liquid Equilibria
Triangular diagrams are commonly used to depict liquid-liquid equilibria, and in ter-
nary mixtures many different kinds of diagrams can occur. Figure 9.25 shows sche-
matics of six common kinds of isothermal-isobaric diagrams, with the diagrams (a)–
(f) arranged according to the number of two-phase regions. This same arrangement is
obtained if we use, as the organizing principle, the number of binaries that under o
liquid-liquid phase splits.   
Many ternaries display the simple behavior appearing in Figure 9.25(a), in which
only one binary undergoes LLE and the third component is complet ly miscible in
both phases. The resulting triangular diagram contains one single-phase region and
one two-phase region, and the two-phase boundary must contain a consolute point. A
Figure 9.25 Six common types of isothermal-isobaric triangular diagrams for ternary mixtures
that exhibit liquid-liquid equilibria. Filled circles locate consolute points. Numeral 3 inside a tri-
angle identifies three-phase LLLE; the compositions of the three phases are given by the verti-
ces of the triangles. These six diagrams are arranged by the number of two-phase regions: (a)
and (b) each have one, (c) has two, and (d)-(f) each have three. Adapted from Walas [5].
3
3
(a) (b)
(c) (d)
(e) (f)
Figure 2.4: Six types of ternary LLE plots: ( ) only on binary undergoes LLE, (b) two bina ies display LLE in
one two-phase region, cases (c), (d) , (e) and (f) are not consider d in this work. Straight lines are
tie-lines, curved lines are phase envelopes (O’Conell and Haile, 2005).
Quaternary systems
A tetrahedral representation of quaternary data is used where the triangular faces correspond
to the four ternary mixtures (Ruiz and Gomis, 1986).
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Table I. Pure Component Molecular Structure UNIQUAC 
Constant (Prausnitz et al., 1980) 
comDonent r 0 4’ 
acetic acid 
acetone 
1-butanol 
2-butanone 
n-butyl acetate 
chloroform 
ethanol 
1-propanol 
toluene 
water 
2.30 
2.57 
3.45 
3.25 
4.83 
2.70 
2.11 
2.78 
3.92 
0.92 
2.04 
2.34 
3.05 
2.88 
4.20 
2.34 
1.97 
2.51 
2.97 
1.40 
2.04 
2.34 
1.15 
2.88 
4.20 
2.34 
0.92 
0.89 
2.97 
1.00 
the minimum of the objective function. The “penalty” 
term is only applied when some parameter are greater than 
a determined value (500 K when UNIQUAC is used being 
&-selected so that Q5OO2 prepresents about a 1% of the 
objective function value). 
Correlation of Quaternary LLE Data 
The above-proposed method, the UNIQUAC model, as 
slightly modified by Anderson and Prausnitz (1978) and 
the pure-component molecular structure constants given 
by Prausnitz et al. (1980) and shown in Table I have been 
used to correlate the three type I and four type I1 qua- 
ternary systems shown in Table 11. In their selection, we 
took into account (i) the great number of experimental tie 
lines which permit the heterogeneous region to be fully 
characterized and (ii) the variation of volume in the het- 
erogeneous region because the differences in the mutual 
solubility ranges of the binary systems contained in the 
different quaternary systems. 
The JJNIQUAC model has only two adjustable param- 
eters (Aii) per binary system. In the correlation of ternary 
data sets, the number of adjustable UNIQUAC binary 
interaction parameters is six. Sorensen et al. (1979), in 
correlating type I ternary data sets, established inde- 
pendently the two parameters representing the data for 
the immiscible binary system, from mutual solubility data, 
for type I1 ternary systems, they established independently 
the four parameters representing the two immiscible binary 
system. By fitting four parameters for type I ternary 
systems (and two for type 11), the immiscible binary mu- 
tual solubilities can be reproduced correctly at  the expense 
of a slightly increased deviation between the experimental 
Figure 1. Schematic representation of a liquid-liquid quaternary 
system. (a) Type I quaternary system containing the pair of partly 
miscible compounds: 1-4. (b) Type I1 quaternary system containing 
the pairs of partly miscible compounds: 1-3 and 1-4. 
and calculated mole fractions as compared with fitting six 
parameters. In addition, the savings in computer time are 
substantial. 
In the correlation of quaternary data sets, the number 
of adjustable binary interaction parameters is 12. One may 
choose to prefix some of these parameters from the pa- 
rameters obtained in the independent correlation of the 
binary and ternary LLE data contained in the quaternary 
system. 
For type I quaternary systems such as that shown in 
Figure la, the available options are (i) fitting the 12 in- 
teraction parameters, (ii) establishing the parameters A14 
and A41 from the binary system 1-4 and fitting the other 
10 parameters, and (iii) establishing independently the 
parameters A14 and A41 from the binary system 1-4, A12, 
AZ1, A42, and AZ4 from the ternary system 1-2-4, and A13, 
A31, A&, and A% from the ternary system 1-3-4 and fitting 
the other 2 parameters. 
For type I1 quaternary systems such as that shown in 
Figure lb, the available options are (i) fitting the 12 pa- 
rameters, (ii) establishing the parameters A13 and A, from 
the binary system 1-3 and A14 and A41 from the binary 
system 1-4 and fitting the other 8 parameters, (iii) es- 
tablishing the parameters A13, A31, A14, and A41 from the 
binary systems 1-3 and 1-4 and A34 and A43 from the 
ternary system 1-3-4 and fitting the 6 remaining param- 
eters, and (iv) establishing the parameters A13, A31, A14, 
and A41 from the binary systems, Aa4 and A,, from the 
ternary system 1-3-4, and A12, AZ1, A23, A32, A24, and A42 
from correlating simultaneously the ternary systems 1-2-3 
and 1-2-4. Now, there are no parameters to be fitted, and 
Table 11. Quaternary Data Sets Used in the Investigation (Temperature 25 “C) 
type of system components no. of tie lines used references 
I water-acetone-acetic acid-chloroform 
I water-acetone-1-propanol-1-butanol 
I water-acetone-1-propanol-2- butanone 
I1 water-ethanol-chloroform-toluene 
I1 water-ethanol-1- butanol-chloroform 
I1 water-acetic acid-1-butanol-n-butyl acetate 
I1 water-ethanol-2-butanone-1-butanol 
25 
35 
30 
31 
34 
26 
29 
Ruiz and Prats, 1983b 
Ruiz and Prats, 1983c 
Ruiz and Prats, 1983c 
Ruiz et  al., 1985 
Ruiz et al., 1984a 
Ruiz et al., 1984b 
Ruiz et al., 1986, in press 
Table 111. Absolute Mean Deviation (mol % ) between Experimental and Calculated LLE Compositions for a Different 
Number of Fitted UNIQUAC Parameters 
no. of fitted parameters 
components type of system 2 10 12 
water-acetone-1-propanol-1-butanol I 1.53 0.21 0.19 
water-acetone-acetic acid-chloroform I 1.14 0.55 0.51 
water-acetone-1-propanol-2-butanone I 0.65 0.54 0.47 
no. of fitted parameters 
components type of system , 0 6 8 12 
wa: 3r-ethanol-chloroform-toluene I 
wal :r-ethanol-1-butanol-chloroform I 
water-acetic acid-1-butanol-n-butyl acetate I 
water-ethanol-2-butanone-1-butanol I 
3.33 2.00 1.97 1.88 
1.66 1.22 1.07 1.03 
0.98 0.97 0.86 0.64 
1.23 1.04 0.64 0.56 
Figure 2.5: Two types of quaternary LLE plots (Ruiz and Gomis, 1986).
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2.3. Phase equilibrium
Two types of quaternary LLE behavior are shown in 2.5: (a) one binary pair is partly
miscible, leading to two tenrary mixtures of type (a) in figure 2.4, (b) two binary pairs are
partly miscible, so two ternary mixtures are of type (a) in figure 2.4 and another ternary
mixture is of type (b) in figure 2.4.
Both the representation and the approach to generating data points presented by Ruiz and
Gomis (1986) are used in this thesis.
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3Method
The developed systematic method for evaluation and analysis of phase equilibrium based
reaction-separation configurations for the enhancement of equilibrium-limited reactions is
presented in this chapter. First, the general form of the problem formulation is given (§
3.1), followed by a list of key concepts and definitions (§ 3.2). Next, the step-by-step guided
procedure for the problem formulation, analysis and solution is described (§ 3.3).
A number of associated methods and tools are used in the method. These include: algorithms
and sub-algorithms, models, knowledge base, and software tools. The algorithms and sub-
algorithms are sets of mathematical instructions that assist the completion of certain tasks in
the method, they are presented in chapter 5. The models are dynamic batch reaction models
generated from the generic model presented in chapter 4. Within this method, four models
are used as described within the chapter; Model I is a batch reactor model, Model II is a
batch reactor model with ideal product separation, and Model III and Model IV are models
for reaction coupled with separation (Model III for a two-phase system with vapor and liquid,
and Model IV for a two-phase system with two liquid phases).
3.1 Problem formulation
The problem to be solved is described as follows: given an equilibrium-limited reaction for
producing a desired product, determine reaction-separation schemes, using phase equilibrium
relations, that favor the removal of product from the reacting phase and evaluate their reaction
performance in terms of to pre-defined performance criteria.
3.2 Key concepts and definitions
Key concepts and definitions for the understanding and use of the method are given in this
section.
Reaction scheme
The reaction scheme contains information about the number of reactants and products and
the reaction stoichiometry. Some examples of reaction schemes are:
15
Chapter 3. Method
• A+ B⌦ C+D
• A+ B⌦ C
• A⌦ C+D
• A⌦ B
• 2A + B⌦ C+D
This method has been developed for and applied to one reaction scheme: A + B⌦ C+D.
Reaction class
The reaction class identifies the type of reaction by specifying the type of reactants and
products of the reaction. For example, in the reaction class esterification, the reactants are
acid and alcohol and the products are ester and water. Di↵erent kinds of reaction class can
have the same reaction scheme.
Catalyst weight fraction
The catalyst weight fraction ( ) is defined as the ratio between mass of catalyst and initial
mass of reactants and products in the reactor.
  ⌘ mcat
m0,tot
(3.1)
Where mcat is the mass of catalyst and m0,tot is the total mass of reactants and products in
the reactor at time t = 0.
Removal fraction
The removal fraction ( i) of a component quantifies the component removal rate relative to
the reaction rate. For reaction products (when ⌫i > 0) the removal fraction is positive, while
for reactants (when ⌫i < 0) it is negative. The mathematical definition of  i is:
 i ⌘ F
v
i
r↵
(3.2)
For a reaction product i:
• If  i = 0, the product is not removed.
• If 0 <  i < 1, a fraction  i of product is removed compared to that produced.
• If  i = 1, the product is completely removed from the reactor as it is produced.
In the model described in chapter 4,  i is used under the assumption of ideal separation of
product i from the reaction mixture.
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Vaporization coe cient
The vaporization coe cient ( ) is defined as the ratio of the vaporization rate to reaction
rate, it is therefore a measure of the vaporization rate relative to the reaction rate. Note that
the vaporization coe cient is a parameter inversely related to the Damko¨hler number, which
measures the rate of reaction relative to product removal Venimadhavan et al. (1994).
Reaction performance indicator
A reaction performance indicator is a parameter that describes the performance of the reac-
tion. For single-step reactions, in batch operating mode, two important performance indica-
tors are:
• Reactant conversion (Xi)
Xi =
(n0,i   ni)
n0,i
(3.3)
where n0,i is the initial charge (in moles) of component i, and ni is the number of moles of
component i.
• Reactant to product yield (Yji)
Yji =
(nj   n0,j)
n0,j
(3.4)
where n0,j is the initial charge (in moles) of component j, and ni is the number of moles of
component i.
Initial molar ratio
The initial molar ratio of reactants (n0,excess/n0,lim) is the ratio of the initial amount in moles
of each reactant: ratio of inital moles of excess reactant to initial moles of limiting reactant.
Switching time to vaporization
The switching time vaporization (tvap) is the time in the batch operation when vaporization
starts with respect to the reaction initial time (t = 0). For example, if tvap =2 h, vaporization
starts two hours after the beginning of the reaction.
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3.3 Workflow for evaluation and analysis of phase equilibrium based
reaction-separation configurations
The workflow of the method is presented in this section as a step-by-step guided procedure.
A detailed explanation of each step is presented in terms of objective, input, output and
supporting tools, sources and methods. Moreover, actions to be performed at each point are
given as tasks within every step. The method is divided into nine steps:
• Step 1: Problem definition
• Step 2: Data collection and storage
• Step 3: Pure component analysis
• Step 4: Mixture analysis
• Step 5: Reaction analysis
• Step 6: Ideal separation
• Step 7: Selection of second phase
• Step 8: Reaction and VLE or LLE
• Step 9: Report generation
Figure 3.1 provides the schematic representation of the workflow.
The problem solution through the proposed method includes the use models (chapter 4) and
supporting methods and tools such as algorithms, sub-algorithms, a knowledge base and
software tools (chapter 5).
For simplicity, in this section it is assumed that the reaction performance indicator is defined
in such a way that a higher value indicates a better reaction performance, while a lower value
means worse performance (conversion or yield are examples of this kind of indicator). If the
reaction performance indicator is defined to be lower for better performance (for example,
toxicity of the by-product), then translate “higher value of performance indicator” into “lower
value of performance indicator” in the following steps.
18
3.3. Workflow for evaluation and analysis of phase equilibrium based reaction-separation configurations
Step 2
Data collection and 
storage
Step 3
Pure component analysis
Step 4
Mixture analysis
Step 5
Reaction analysis
Step 6
Ideal separation 
Step 7
Selection of second phase
Step 8a
Reaction and VLE
Step 8b
Reaction and LLE
Desired product
LLE
Step 9
Report generation
CAPEC Database
ICAS-ProPred
Step 1
Problem definition
Two-phase reacting systems
Improvement 
possible?
YES
NO Terminate
Phase separation 
possible?
NO Terminate
YES
VLE
Knowledge 
base
Knowledge 
base
Type of 
equilibrium?
ICAS-MoT
ICAS-MoT ICAS-MoT
Model I
Model II
Model III Model IV
Algorithm A6
STEP
MODEL-BASED STEP
MODEL
ALGORITHM
ADDITIONAL TOOL
LITERATURE
SUB-ALGORITHM
WORKFLOW
DATAFLOW
ICAS-MoT
Algorithm A5
Knowledge 
base
SA3
SA3
Algorithm A2 SA2
Algorithm A3 SA2
Algorithm A4 SA3
Algorithm A1 SA1
ICAS-TMS
Figure 3.1: Schematic representation of the workflow
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3.3.1 Step 1: Problem definition
In this step, the problem is thoroughly formulated by defining the reaction and objective.
The general form of the problem formulation is given in § 3.1.
Objective: To define the problem.
Input: Desired product.
Output: Complete problem definition. The complete problem definition is formed by the
reaction system and the objective.
Note 1: The complete reaction system is defined by: reactants, products, catalyst and
reaction class. For the specific reaction scheme considered (A + B⌦ C+D) the
reaction definition has six items: desired product C, by-product D, reactant A,
reactant B, reaction class, catalyst. In addition, the reaction definition includes
the solvent, however, only reactions without solvent are considered in this work,
hence the solvent is fixed to “no solvent”.
Note 2: When the reaction system is not well defined, a feasible reaction is searched for in
the knowledge base, literature or generated through reaction path synthesis, more
than one reaction path satisfying the given criteria may be obtained. If this is the
case, a method for evaluating reaction paths should be applied (task 1.1.4). A
simple and popular approach is to compare the di↵erent reaction paths in terms
of economic potential and select the path having the highest value. The complete
development of task 1.1.4 and associated methods and tools has not been done in
this work.
Note 3: The objective is defined in terms of a reaction performance indicator, such as the
yield of the desired product. An example of objective is “increase the product
yield”.
Tools/sources/methods: Knowledge base, literature, reaction path synthesis method, method
for selection of reaction paths.
3.3.1.1 Step 1.1: Definition of the reaction system
Task 1.1.1 Check if the reaction system is defined.
If the reaction system definition is not complete, go to task 1.1.2.
Else if the reaction system definition is complete, go to step 1.2.
Task 1.1.2 Perform a knowledge base search using the known reaction information as search
criteria.
If no reaction is found, go to task 1.1.3.
Else if more than one reaction is found, go to task 1.1.5.
Else if one reaction is found, go to step 1.2.
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Task 1.1.3 Perform a literature search based on the known reaction information.
If no reaction is obtained, go to task 1.1.4.
Else if more than one reaction is obtained, go to step 1.1.5.
Else if one reaction is obtained, go to step 1.2.
Task 1.1.4 Apply a method for synthesis of reaction paths.
If more than one reaction is obtained, go to task 1.1.5.
Else if only one reaction is obtained, go to step 1.2.
Task 1.1.5 Apply a screening method or optimization to select one reaction path.
3.3.1.2 Step 1.2: Definition of the objective
Task 1.2.1 Define the objective in terms of a reaction performance indicator.
3.3.2 Step 2: Data collection and storage
Once the problem has been formulated, all necessary data for the problem solution has to be
collected, organized and stored in the knowledge base.
Objective: To collect all necessary data related to the reaction and its components.
Input: Reaction system.
Output: - Pure component properties (values and correlations).
- Binary, ternary and quaternary mixture data (azeotropes, VLE, LLE).
- Reaction kinetics and equilibrium data (model and parameters).
- Updated knowledge base.
Note 1: Before collecting the data, the knowledge base is checked to avoid unnecessary
collection of already stored data (step 2.1).
Note 2: The studied reaction may have one or more components in common with other
reactions stored in the knowledge base, therefore, even though the complete re-
action is not found in the knowledge base, pure component data of some of the
components may be available (step 2.1).
Note 3: The collected data are of three main types: (i) pure component, (ii) binary/
ternary/ quaternary mixture, (iii) reaction kinetics and equilibrium.
Note 4: Relevant pure component properties are:
• Molecular weight
• Melting point
• Boiling point
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• Heat of formation
• Density
• Molar volume
• Solubility parameter
• Vapor pressure
Note 5: The collected data is stored in the knowledge base for further use in the following
steps and for later uses of the method (step 2.5).
Tools/sources/methods: CAPEC Database, ICAS-CAPEC Database Manager, ICAS-ProPred,
literature, experimental data.
3.3.2.1 Step 2.1: Check knowledge base
Task 2.1.1 Perform a knowledge base search based on all items of the reaction definition.
If data are not available, go to step 2.1.2.
Else if the reaction and associated data are available, go to step 3.
Task 2.1.2 Perform a knowledge base search based on reaction components (one by one) and
retrieve available data.
3.3.2.2 Step 2.2: Collection of pure component data
Task 2.2.1 Collect pure component properties (see note 4).
3.3.2.3 Step 2.3: Collection of mixture data
Task 2.3.1 Collect the following data, if available: azeotropic data (composition, pressure
and temperature), VLE x-y and T-xy diagrams, LLE tie-line data (for binary, ternary
and quaternary mixtures).
3.3.2.4 Step 2.4: Collection of reaction data
Task 2.4.1 Search for reaction kinetic model and parameters in the literature.
If they are not available, go to task 2.4.2.
Else if the kinetic model and parameters are available, go to step 2.5.
Task 2.4.2 Collect reaction experimental data.
Task 2.4.3 Determine rate law and estimate kinetic parameters from experimental data
through parameter fitting.
3.3.2.5 Step 2.5: Storage of data in the knowledge base
Task 2.5.1 Store the collected data in the knowledge base (see note 5).
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3.3.3 Step 3: Pure component analysis
The pure component data collected in step 1 is used in this step to analyze the multicomponent
system.
Objective: To determine the liquid-phase operating window and binary ratio matrix from
pure component data.
Input: Pure component data (collected in step 2).
Output: - Liquid-phase operating window (with respect to temperature)
- Binary ratio matrix
Note: The binary ratio matrix contains the binary ratio of pure component data of all
binary mixtures. The property ratios (such as as the boiling point and solubility
parameter) provide a preliminary indication of the possible separation methods
that can be used to separate each binary mixture and of the di culty of the
separation (Jaksland et al., 1995).
3.3.3.1 Step 3.1: Liquid-phase operating window
Task 3.1.1 Determine the liquid-phase operating window as the temperature interval (Tmin,Tmax)
between the highest melting point and the lowest melting point:
Tmin = max {Tm,i} (3.5)
Tmax = min {Tb,i} (3.6)
3.3.3.2 Step 3.2: Binary ratios
Task 3.2.1 Generate the binary ratio matrix by calculating the binary mixtures of all com-
ponents from the pure component properties collected in step 2.
3.3.4 Step 4: Mixture analysis
A complete phase analysis of the multicomponent system is performed in this step. This is
done though thermodynamic modeling and with the collected mixture data.
Objective: To select the thermodynamic model and study the phase behavior of the system.
Input: Mixture data (collected in step 2).
Output: - Selection of thermodynamic model.
- Parameters of the thermodynamic model.
- Prediction of azeotropes through the selected models.
- Identified immiscible binary pairs.
Note: The thermodynamic model selection is done based on the type of components in
the system (O’Connell and Gani, 1989).
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Tools/sources/methods: Thermodynamic selection method, ICAS-TMS, algorithms A1, A2,
A3, and A4, ICAS-MoT.
3.3.4.1 Step 4.1: Analysis of vapor-liquid equilibrium
Task 4.1.1 Select thermodynamic model based on the system compounds, temperature and
pressure. For computation of VLE of the type of reactions that have been studied, the
(     )-approach is recommended. ICAS-TMS can be used to assist the model selection
task.
Task 4.1.2 Enter algorithm A1 to generate the binary x-y and T-xy plots for all binary
mixtures.
Task 4.1.3 If azeotropic data has been found in the literature, check the accuracy of prediction
of binary azeotropes by comparison of azeotropic temperature and composition of the
literature data and the predictions obtained in task 4.1.2.
Task 4.1.4 If azeotropes have been identified in the system, correct the liquid phase operating
window (obtained in step 3): if a low boiling azeotrope has an azeotropic temperature
Tazeo lower than the lowest boiling point, then set
Tmax = Tazeo (3.7)
3.3.4.2 Step 4.2: Analysis of liquid-liquid equilibrium
Task 4.2.1 Select thermodynamic model based on the system compounds, temperature and
pressure. For computation of LLE of the type of reactions that have been studied, the
(     )-approach is recommended. ICAS-TMS can be used to assist the model selection
task.
Task 4.2.2 Use algorithm A2 to identify immiscible pairs given the components, thermody-
namic model parameters, temperature (use Tmin) and pressure (use 1 atm).
Task 4.2.3 Use algorithm A3 to determine the two-liquid phase temperature range for the
identified immiscible pairs.
Task 4.2.4 Use algorithm A4 to generate binary LLE plots (temperature vs molar composi-
tion of phases) for the identified immiscible pairs (in task 4.2.3) within the two-liquid
phase region (obtained in task 4.2.4).
Task 4.2.5 If experimental data is available, assess the accuracy of the selected thermody-
namic model by comparison of experimental and calculated values.
3.3.5 Step 5: Reaction analysis
The reaction is analyzed in this step using the kinetic information collected in step 2.
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Objective: - To evaluate the e↵ect of di↵erent reaction parameters on the equilibrium con-
version and the required time to reach equilibrium.
- To identify the highest equilibrium conversion value without separation and
associated operating conditions.
Input: - Pure component properties (values and correlations).
- Binary interaction parameters.
- Reaction kinetic model and parameters.
Output: Maximum achievable reaction performance (in terms of the defined indicator) and
associated operating conditions.
Note 1: The considered reaction parameters are: temperature (T ), catalyst weight fraction
( ), and initial molar ratio of reactants (n0,excess/n0,lim).
Note 2: The time to equilibrium teq is used in this step. The batch reaction time is usually
set to be shorter than the time to equilibrium. However, teq is used since as it
increases, the time required to reach a certain performance value (for example,
conversion) increases as well.
Tools/sources/methods: Model I solved in ICAS-MoT.
3.3.5.1 Step 5.1: E↵ect of the reaction temperature
Task 5.1.1 Perform a series of dynamic simulations with Model I for di↵erent values of tem-
perature (within the liquid-phase operating window defined in task 4.1.4). Use total
reaction time (tfinal) necessary to reach equilibrium, catalyst weight fraction ( ) of 0.1
and initial molar ratio (n0,excess/n0,lim) of 1.
Task 5.1.2 Generate plots: reaction performance indicator vs temperature and time required
to reach equilibrium (teq) vs temperature.
Task 5.1.3 Select reaction temperature based on the following rules:
Rule 5.1 Apply operating temperature constraints (material, safety, etc.), if available,
reducing the temperature range.
Rule 5.2 If reaction performance improves and time to equilibrium decreases as tem-
perature increases, select highest temperature.
Rule 5.3 If reaction performance indicator decreases and time increases as temperature
increases, select lowest temperature.
Rule 5.4 If performance indicator decreases and time decreases as temperature in-
creases, a trade-o↵ selection is to be done: select the temperature given the best
reaction performance while keeping the time to equilibrium low.
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3.3.5.2 Step 5.2: E↵ect of the catalyst weight fraction
Task 5.2.1 Perform a series of dynamic simulations with Model I for di↵erent values of cat-
alyst weight fraction (within the range of 0 to 1). Use reaction time necessary to reach
equilibrium, temperature selected in task 5.1.3 and initial molar ratio equal to 1.
Task 5.2.2 Generate plots: reaction performance indicator vs catalyst weight fraction, and
time required to reach equilibrium vs catalyst weight fraction.
Task 5.2.3 Select catalyst weight fraction based on the following rule:
Rule 5.4 Select the lowest possible value of   that gives a significant reduction of teq
(with respect to the previous value of  ).
3.3.5.3 Step 5.3: E↵ect of the initial molar ratio of reactants
Task 5.3.1 Perform a series of dynamic simulations with Model I for di↵erent values of initial
molar ratio: this is done by changing the values of initial moles of reactants (considered
molar ratio values range from 1 to 4). Explore both cases: with reactant 1 in excess
and reactant 2 in excess. Use reaction time necessary to reach equilibrium, temperature
selected in task 5.1.3 and catalyst weight fraction selected in task 5.2.3.
Task 5.3.2 Generate plots: reaction performance indicator vs initial molar ratio.
Task 5.3.3 Select the reactant to be added in excess based on:
Rule 5.5 Select the reactant giving higher reaction performance.
Rule 5.6 Select the reactant that is easier to separate from the product based on the
binary ratios calculated in step 3 and the analysis done in step 4.
Task 5.3.4 Select initial molar ratio (with excess of the selected reactant) based on the fol-
lowing rule:
Rule 5.7 Select the lowest molar ratio value that gives a significant increase of perfor-
mance with respect to the previous value.
3.3.6 Step 6: Ideal separation
The e↵ect of the removal fraction ( i) of the reaction products is evaluated in this step in
order to determine if the reaction is improved through their removal. In this step, ideal
separation of each reaction product is considered; although this assumption is not realistic,
it serves for the purpose of checking the feasibility.
Objective: To determine if continuous removal of products leads to an improvement in terms
of the defined objective.
Input: - Pure component properties.
- Binary interaction parameters.
- Reaction kinetic model and parameters.
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Output: Feasibility check.
Note 1: The feasibility of continuously removing the product from the reaction to reach
the defined objective (for example, “increase yield”) is evaluated in this step. If the
reaction performance criteria is not improved by removing the reaction products,
the following steps of the method are not required.
Tools/sources/methods: Model II solved in ICAS-MoT.
3.3.6.1 Step 6.1: E↵ect of the removal factor
Task 6.1.1 Perform a series of dynamic simulations with Model II for di↵erent values of the
removal factor of component 3 (values from 0 to 1).
Task 6.1.2 Perform a series of dynamic simulations with Model II for di↵erent values of the
removal factor of component 4 (values from 0 to 1).
Task 6.1.3 Generate plots: performance indicator vs removal factor of component 3 and
performance indicator vs removal factor of component 4.
3.3.6.2 Step 6.2: Feasibility test
Task 6.2.1 Use plots generated in task 6.1.3 to test feasibility.
Rule 6.1 If the reaction is improved (in terms of the selected criteria, for example
conversion of limiting reactant) when removing product 3 and when removing
product 4, consider both of them in the following steps.
Rule 6.2 If the the reaction is improved only when removing one of the reaction prod-
ucts, consider only its removal in the following steps.
Rule 6.3 If the reaction is not improved by removing any of the reaction products,
terminate method.
3.3.7 Step 7: Selection of second phase
Phase separation is studied as a method for improving the reaction performance in terms of
yield. In this step, the nature of the two phases that should be investigated in the following
step. The considered options are: vapor-liquid and liquid-liquid.
Objective: To select the nature of the second phase to be explored in step 8.
Input: Output of steps 3, 4, 5 and 6.
Output: Selected second phase (vapor or liquid).
Note: Rules and heuristics are developed based on case studies and should be continu-
ously revised, improved and expanded as the method is used.
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3.3.7.1 Step 7.1: Evaluation of collected and generated information
Task 7.1.1 The following rules are used to evaluate the collected and generated information:
Rule 7.1 Select the phase that favors the removal of the product that has been identified
as the one which removal gives a higher reaction performance.
Rule 7.2 Evaluate reaction and VLE if a product or a low boiling azeotrope containing
it has the lowest boiling point.
Rule 7.3 If the the two products form a low boiling azeotrope together, the reaction per-
formance can be improved by vaporization, but it may not lead to pre-separation
of the desired product.
Rule 7.4 If the product forms an azeotrope with one reactant that has the lowest boiling
point in the system, reaction and VLE should be considered, and the reactant
evaporating with the product can be added in excess.
Rule 7.5 If liquid-liquid split occurs between two products only, the liquid-liquid region
is likely to contain compositions that are not within the reaction operating win-
dow (that is composition rich in both products, so the reverse reaction would be
favored).
Rule 7.6 If liquid-liquid split occurs between two products and also between one product
and one reactant, the quaternary liquid-liquid phase equilibrium should be further
studied.
3.3.7.2 Step 7.2: Selection of configuration
Task 7.1.2 According to the rules in task 7.1.1, two phases (liquid phase for the reaction
and vapor or liquid phase for transport of one product) are selected to perform a more
detailed study in the following step.
Note: When some rules in step 7.1 lead to considering reaction and VLE, and some
other rules lead to considering reaction and LLE, both possibilities can be evalu-
ated (steps 8a and 8b).
3.3.8 Step 8a: Reaction and VLE
The integrated reaction-separation configuration with liquid phase containing the reaction
and gas phase acting as transport phase is evaluated in this step.
Objective: To evaluate the feasibility of enhancing the reaction performance through coupling
of reaction and vaporization.
Input: Pure component properties (values and correlations), thermodynamic model and
parameters (EoS model for the vapor phase and activity model for the liquid
phase), reaction kinetic model and parameters.
Output: Operating conditions for reaction, reaction performance indicator (defined in step
1) for the reaction in two-phases (vapor-liquid).
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Note: The vaporization factor is used in this step, this parameter is defined in § 3.2.
Tools/sources/methods: Model III solved in ICAS-MoT.
3.3.8.1 Step 8a.1: Two-phase reaction simulation
Task 8a.1.1 Perform reaction simulation with parameters selected in step 5 and vaporization.
Task 8a.1.2 Evaluate composition of the condensate (composition in the tank) over time.
If one reactant is being vaporized, redifine initial molar ratio so that it is in excess.
Else if no reactant is being vaporized, go to step 8a.2.
3.3.8.2 Step 8a.2: E↵ect of vaporization factor and switching time to vaporization
Task 8a.2.1 Perform simulations with di↵erent values of the vaporization factor  and tvap.
Task 8a.2.1 Select  and tvap based on reaction performance criteria.
3.3.8.3 Step 8a.3: Evaluate reaction performance
Task 8b.3 Use simulation results to obtain the defined reaction performance indicator (e.g.
reactant to product yield).
Task 8b.3 Use simulation results to obtain the composition of the two liquid phases, evaluate
product pre-separation.
3.3.9 Step 8b: Reaction and LLE
Objective: To evaluate the feasibility of enhancing the reaction performance by carrying out
the reaction within the two liquid phase region of the system.
Input: Pure component properties (values and correlations), thermodynamic model and
parameters (activity model for both liquid phases), reaction kinetic model and
parameters.
Output: Operating conditions for reaction, reaction performance indicator (defined in step
1) for the reaction in two-phases (liquid-liquid).
Tools/sources/methods: Algorithms A5 and A6, Model IV solved in ICAS-MoT.
3.3.9.1 Step 8b.1: Generation of ternary and quaternary liquid-liquid tie-line data
Task 8b.1.1 Retrieve binary tie-line data generated in step 4.
Task 8b.1.2 Enter algorithm A5 to generate ternary data.
Task 8b.1.3 Plot data in triangular plot.
Task 8b.1.4 Enter algorithm A6 to generate quaternary data.
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Task 8b.1.5 Plot data in tetrahedral plot or in triangular plot representing one of the planes
in the tetrahedron.
3.3.9.2 Step 8b.2: Selection of initial reaction composition
Task 8b.2.1 Check initial reaction composition used in step 5 (only reactants with selected
molar ratio).
If it lies outside the two-phase region, redifine composition so that it lies inside and go
to step 8b.3.
Else if it lies inside the two-phase region, go to task 8b.3.
3.3.9.3 Step 8b.3: Two-phase reaction simulation
Task 8b.3.1 Perform simulation with Model IV (in MoT).
Task 8b.3.2 Check final reaction composition.
If it lies outside the two-phase region, decrease reaction time or redefine initial compo-
sition.
Else if it lies inside the two-phase region, go to task 8b.4.
3.3.9.4 Step 8b.4: Evaluate reaction performance
Task 8b.4.1 Use simulation results to obtain the defined reaction performance indicator (e.g.
reactant to product yield).
Task 8b.4.2 Use simulation results to obtain the composition of the two liquid phases, eval-
uate product pre-separation.
3.3.10 Step 9: Report generation
3.3.10.1 Step 9.1: Summary
Task 9.1.1 Summarize the output of each step.
3.4 Method limitations
The method can be used for reactions limited by equilibrium with complex phase behaviour
(azeotropes, two-liquid phases). The workflow and supporting tools are developed for single-
step reactions with the following reaction scheme: A + B⌦ C+D, but the model equations
are given in a generic form. Two reaction-separation schemes can be evaluated with the
developed method: vapor-liquid and liquid-liquid, both based in the system phase equilibrium
relations. Possible extensions of the method are discussed in § 7.1.
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4Models
Simple models of reaction and reaction coupled with separation have been derived for their
use in the method described in chapter 3. These models are generated from a generic model
of multiphase equilibrium reaction and separation based on physical equilibrium relations.
The generic model is presented in § 4.1 in terms of modeling objective (§ 4.1.1), assumptions
(§ 4.1.2), balance volume (§ 4.1.3), notation (§ 4.1.4) and model equations (§ 4.1.5). The
generation of the models used in this work is presented in (§ 4.2), these models are: Model
I (batch reactor), Model II (batch reactor with ideal product separation), Model III (batch
reactor with vaporization) and Model IV (two-liquid phase batch reactor).
4.1 Generic model
A generic model has been built, using a systematic model building framework Gani and
Cameron (2011), for representing the behavior of systems with reaction and separation oc-
curing simultaneously, a maximum of two phases (two liquid phases or a liquid and a vapor
phase) is considered in this work.
yi
ni
tank,  xi
tank
nα, rα, xi
α
nβ, rβ,xi
β  
Vapor
Fi
α
Fi
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v
Total condenser
Liquid α
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Figure 4.1: Schematic representation of the modelled system: reactor and tank.
The system is shown in figure 4.1, it consists of a batch reactor and a tank. Three phases
are considered in the reactor: vapor v, liquid phase ↵, and liquid phase  . However, in this
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work, a maximum of two phases coexisting in the reactor has been considered. The batch
reactor allows the tracking of changes in the composition over time during reaction. When
removal of material from one of the phases is considered, the fluid is placed in the tank, so
that the cummulative composition of the removed fluid over time can be followed.
4.1.1 Modeling objective
The objective is to develop a model that can be used to generate models of di↵erent system
configurations. The model is to be used in the model-based steps of the method described in
chapter 3.
The generic model needs to provide:
1. Prediction of compositions in each phase over time.
2. Calculation of the reaction performance criteria.
3. Solution of the phase equilibria relations at each time interval.
The model provides the user with a simple and e cient way to determine the e↵ect of di↵er-
ent parameters on the reaction performance and simulate simultaneous reaction and phase
equilibrium phenomena.
4.1.2 Assumptions
A list of assumptions of the model is given in this section. First, general assumptions are
considered (valid for all models generated from the generic model), next the specific assump-
tions of each model are listed. In an attempt to make the model valid for a larger nuber of
cases, additional assumptions are given in §4.1.5 together with specific equations, so if the
equations would be replaced by di↵erent ones used to calculate the same variable, the spe-
cific assumption would not hold. For instance, if an homogeneously catalyzed reaction was
considered (instead of heterogeneously catalyzed, which has been done in this work), then
the assumption that the reaction is heterogeneously catalyzed would not hold, and equations
4.4 and 4.5 would have to be replaced.
4.1.2.1 General assumptions
A list of general assumptions of the model are given below:
• The liquid of each phase is incompressible.
• Composition and properties are the same at all points of each phase (lumped parame-
ters).
• The composition of the liquid and vapor removed from the system is the same as the
liquid and vapor in the system.
• Temperature can be controlled.
34
4.1. Generic model
• Heating time is neglected.
• Pressure is constant.
4.1.2.2 Assumptions for Model II (ideal separation)
• Ideal separation of each product.
4.1.2.3 Assumptions for Model III (reaction and vapor-liquid equilibrium)
• Vapor and liquid are in thermodynamic equilibrium (same temperature and pressure
and composition related by equilibrium relations).
• Vapor does not build up in the system.
• Vapor is totally condensed in the condenser (total condenser).
• The flux of vapor is not constant.
• Reaction occurs only in the liquid phase and not in the vapor phase.
• Reaction does not occur in the tank.
4.1.2.4 Assumptions for Model IV (reaction and liquid-liquid equilibrium)
• Both liquid phases are in thermodynamic equilibrium.
• If one of the liquid phases is removed:
– It is assumed that there is no stirring so phases are well separated.
– The catalyst can be placed conveniently in the reacting phase.
4.1.3 Balance volumes
Two balance volumes are considered: the reactor vessel and the tank: this is done in order
to evaluate the reaction performance and the composition of the liquid or vapor removed.
Vapor phase
Liquid phase α
Liquid phase β
Reactor
Tank
Liquid
Figure 4.2: Balance volumes.
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By applying simple relations, the compositions at each phase can be easily tracked, as well
as the overall system compositions.
4.1.4 Notation
In the generic model equations, index i is used for component-dependent variables and it
represents the chemical component. Subscript tot is used for total values obtained from the
summation of component variables. Superscript tank is used to refer to variables within
the control volume of the tank. The variables within the control volume of the reactor are
given without superscript. Superscripts ↵,  , v indicate the first liquid phase, the second
liquid phase, and the vapor phase, respectively. Subscript f refers to flow rate, bp to bubble
point, fix to a specified fixed value. The subscript 0 is used to refer to values at initial time.
Binary variables are represented by the greek letter ⇠. More details are given after each model
equation and a complete list of all nomenclature is given at the beginning of the thesis.
Index i, which describes the component, takes values from 1 to NC (number of components):
i = 1 . . .NC = 1 . . .NR, (NR + 1) . . . (NR + NP) (4.1)
where NC is the number of components, NR is the number of reactants and NP is the number
of products. The number of components is the sum of reactants and products.
4.1.5 Generic model equations
The model equations are given in this section.
4.1.5.1 Ordinary di↵erential equations
Component mass balance in the reactor
The change in the number of moles of component i over time is calculated as the number of
moles produced or consumed by the reaction per unit time in each phase minus the molar
flow rate of component i of each phase:
dNi
dt
= ⇠↵⇠↵r ⌫ir
↵ + ⇠ ⇠ r ⌫ir
    ⇠↵⇠↵f F↵i   ⇠ ⇠ fF  i   ⇠v⇠vfF vi (4.2)
where index i refers to the component and superscripts ↵,  , v are the liquid, liquid and
vapor phases; Ni corresponds to the amount in moles of component i in the reactor; the
binary variables ⇠↵, ⇠  , ⇠v are equal to 1 if phase ↵,  , v exist, respectively, and equal to
0 otherwise, the binary variables ⇠↵r , ⇠
 
r take the value of 1 when reaction occurs in phase
↵,  , respectively, and 0 when it does not, and the binary variables ⇠↵f , ⇠
 
f , ⇠
v
f represent the
existence of a flow out from phase ↵,  , v respectively; ⌫i is the stoichiometric coe cient of
component i (vi > 0 for products and vi < 0 for reactants), r↵, r  are the reaction rates in
the liquid phases ↵,  , respectively, given in moles per unit time and F↵i , F
 
i , F
v
i are the
outlet molar flow rate of component i from phase ↵,  , v, respectively.
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Component mass balance in the tank
The change in the number of moles of component i over time is calculated from the outlet
component molar flow rate from each phase:
dN tanki
dt
= ⇠↵⇠↵f F
↵
i + ⇠
 ⇠ fF
 
i + ⇠
v⇠vfF
v
i (4.3)
where subscript tank refers to the control volume of the tank; N tanki is the amount in moles
of component i in the tank.
4.1.5.2 Algebraic equations
In this work, Model I, Model II, Model III, and Model IV are obtained from the generic equa-
tions 4.2 and 4.3 by setting the value of the binary values. When deriving the specific models
(Model I, II, III, and IV), once the dynamic equations have been obtained, the model is com-
pleted with algebraic equations describing constitutive models, relations between variables
and connections of balance volumes. The algebraic equations are given below.
Reaction rate
The reaction rate model is used in all models of this project. The proposed reaction rate
model is valid under the following assumption:
• The reaction is heterogeneously catalyzed reaction with a rate model given in terms of
mass of catalyst.
The reaction rate is given by an appropriate constitutive equation as a function of the tem-
perature, compositions and mass of catalyst. The generic form of the reaction rate in the
liquid phase ↵ is:
r↵ = f (m↵cat, a
↵
i ,T ) (4.4)
where r↵ is the reaction rate in the liquid phase ↵ in moles per unit time, m↵cat represents
the mass of catalyst in phase ↵, a↵i is the activity of component i in phase ↵ and T is the
temperature.
If reaction in the liquid phase   occurs as well, the reaction rate is written as:
r  = f
⇣
m cat, a
 
i ,T
⌘
(4.5)
where r  is the reaction rate in the liquid phase   in moles per unit time, m cat represents
the mass of catalyst in phase   and a i is the activity of component i in phase  .
The complete reaction rate model equation depends on the reaction and catalyst, hence it is
added to the model after the reaction is defined and the rate law is obtained. A list of common
reaction rate models is given in appendix F. The reaction rate law may contain temperature-
dependent parameters such as the reaction rate constant or the equilibrium constant, then
this dependence is expressed by a new equation that needs to be added to the model.
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Mass of catalyst
The mass of catalyst in the liquid phase ↵ (m↵cat) is calculated as follows:
m↵cat = ⇠
↵
r  
X
i
m↵i,0 (4.6)
where   is the catalyst weight fraction and m↵i,0 is the initial (at t = 0) mass of component i
in the phase ↵.
The initial mass of component i in phase ↵ is computed from:
m↵i,0 = n
↵
i,0MWi (4.7)
where n↵i,0 is the initial number of moles of component i and MWi is the molar weight of
component i.
Similarly, for the liquid phase  :
m cat = ⇠
 
r  
X
i
m i,0 (4.8)
where m i,0 is the initial mass of component i in phase  .
The initial mass of component i in phase   is:
m i,0 = n
 
i,0MWi (4.9)
Activity
The thermodynamic activity of the components is used in the kinetic equation; an activ-
ity model for the calculation of activity coe cients is needed to calculate it. The activity
coe cient is also used for physical equilibrium calculations.
The activity of component i in phase ↵ (a↵i ) is calculated as:
a↵i =  
↵
i x
↵
i (4.10)
where  ↵i is the activity coe cient of component i in phase ↵ and x
↵
i is the mole fraction of
component i in phase ↵.
The activity of component i in phase   (a i ) is calculated correspondingly as:
a i =  
 
i x
 
i (4.11)
where   i is the activity coe cient of component i in phase   and x
 
i is the mole fraction of
component i in phase  .
The activity coe cients  ↵i and  
 
i are predicted with an appropriate thermodynamic model,
their generic expression is:
 ↵i = f (x
↵
i ,T ,P ) (4.12)
  i = f
⇣
x i ,T ,P
⌘
(4.13)
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Density
The density of the liquid is calculated based on the assumption:
• Validity of ideal mixing rule.
The liquid density is calculated from a correlation accounting for its temperature dependence;
the generic form of the equation is:
⇢i = f (T ) (4.14)
where ⇢i is the liquid molar density of component i in units of volume per mol. The form of
the correlation depends on the source where the parameters are retrieved from. In this case,
ICAS Database is used, and the complete form of the liquid density correlation is given in
appendix E.
The density of the liquid phase ↵ is calculated with an ideal mixing rule as:
⇢¯↵ =
X
i
x↵i ⇢i (4.15)
where ⇢¯↵ is the molar density of the liquid phase ↵.
Similarly, the density of the liquid phase   is given by:
⇢¯  =
X
i
x i ⇢i (4.16)
where ⇢¯  is the molar density of the liquid phase  .
In the tank only one liquid phase is present, its density is calculated from:
⇢¯tank =
X
i
xtanki ⇢i (4.17)
where ⇢¯tank is the molar density of the liquid in the tank.
Volume
The volume of the liquid in phases ↵ and   is calculated in all models (subject to that phase
being present).
The volume of the liquid phase ↵ (V ↵) is calculated from the phase molar density and total
number of moles.
V ↵ =
X
i
n↵i
⇢¯↵
(4.18)
Similarly, the volume of the liquid phase   (V  ) is:
V   =
X
i
n i
⇢¯ 
(4.19)
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Switching time to vaporization
In order to study the case where reaction and vaporization do not start at the same time
(vaporization starts after), the variable switching time to vaporization (tvap) is defined. The
following assumption is made:
• The heating time is neglegible.
The switching time to vaporization is the time when vaporization starts, referred to the initial
reaction time (t = 0), and it is used in equation 4.20 to change the value of ⇠vf :
⇠vf =
8<:0 t < tvap1 t   tvap (4.20)
where t is the reaction time and tvap is the time when vaporization starts, referred as switching
time to vaporization.
The switching time to vaporization is incorporated in order to study its e↵ect: it may be
convienent to start vaporization after a given reaction time. A higher amount of product can
be obtained if the product is removed continuously, therefore, vaporizing after a certain time of
reaction ensures that product is present in the liquid phase reaction mixture so that reactants
are not the only compounds that are there to be vaporized. This inconvenience could also
be addressed by adding a certain amount of product to the initial reactor charge and start
vaporization from the initial reaction time. However, an advantage of the use of the switching
time is that a low temperature is used before this time, favoring high equilibrium constant
values (for exothermic reactions), and the temperature is increased when vaporization starts.
Vapor pressure
The vapor pressure is also calculated from a correlation, its generic form is:
P sati = f (T ) (4.21)
where P sati is the vapor pressure of component i. In this work, the Antoine equation is used,
and the complete form of the equation is given in appendix E.
Temperature of the system
When vaporization occurs in the system, the system temperature is assumed to be the bubble
point temperature of the mixture. Therefore, the temperature cannot be specified anymore
and is calculated. However, the case where vaporization starts a certain time after reaction
has started is also considered in the model. Therefore, the system temperature is computed
from equation 4.22, which makes it equal to the specified value when there is no vaporization,
or equal to the bubble point value when there is vaporization. For the cases when vaporization
does not occur (i.e., ⇠v = 0), equation 4.22 reduces to T = Tfix.
The following assumptions are used:
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• The temperature can be controlled.
• Heating time is zero (time to change from fixed temperature to bubble point is ne-
glected).
The system temperature is set as the bubble point temperature using:
T = ⇠vTbp + (1  ⇠v)Tfix (4.22)
where T is the system temperature, Tfix is a fixed specified temperature value, and Tbp is the
bubble point temperature of the mixture of components. Equation 4.22 sets the temperature
equal to the bubble point temperature when there is a vapor phase, or equal to the system
specified temperature, when vaporization does not occur.
Vapor-liquid equilibrium
When vaporization occurs, the vapor compositions are computed from vapor-liquid equilib-
rium relations. When vapor and liquid are present in the system, the following equation is
satisfied:
⇠↵ + ⇠v = 2 (4.23)
Bubble point calculation
The vapor-liquid equilibrium compositions are computed from the bubble point calculation
(equations 4.24-4.28). The following assumptions hold:
• Validity of the Modified Raoult’s law.
The temperature-dependence of the vapor pressure serves in this calculation to determine the
bubble point temperature:
P sati = f (Tbp) (4.24)
where Tbp is the bubble point temperature.
By taking the activity coe cient approach (( , )-approach):
yi =
 ↵i P
sat
i
 viP
x↵i (4.25)
where yi is the molar fraction of component i in the vapor phase, x↵i is the composition of
component i in the liquid phase ↵, P is the system pressure,  ↵i is the activity coe cient of
component i in the liquid and  vi is the fugacity coe cient of component i in the vapor.
Assuming ideal gas phase ( vi = 1), equation 4.25 is reduced:
yi =
 ↵i P
sat
i
 viP
x↵i (4.26)
which is known as the Modified Raoult’s law. Equation 4.26 is used to calculate the compo-
sition of the vapor phase from the composition of the liquid phase.
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An equation of state (EOS) is required to calculate the fugacity coe cient of the components
in the vapor phase:
 vi = f (yi,T ,P ) (4.27)
In this work, since low pressure values are used, the following assumption holds:
• Ideal gas ( vi = 0).
hence an EoS is not required.
Finally, the summation of molar fraction of all components in the vapor phase has to be equal
to 1:
0 = 1 
X
i
yi (4.28)
Liquid-liquid equilibrium
The liquid-liquid equilibrium relations are used when two liquid phases appear, this is when:
⇠↵ + ⇠  = 2 (4.29)
When equation 4.29 is satisfied, the composition of the two liquid phases is calculated from
the overall liquid composition in the reactor through a liquid-liquid flash calculation.
First of all, the overall number of moles of the liquid in the reactor is given by:
Ntot =
X
i
Ni (4.30)
where Ntot refers to the total number of moles in the reactor.
The overall molar fraction of component i in the reactor (zi) is:
zi =
Ni
Ntot
(4.31)
where zi is overall composition taking into account both phases. This variable is used as an
input to the flash calculation to obtain the composition of the two liquid phases.
Flash calculation
The liquid-liquid flash calculation is performed by simultaneous solution of equations 4.32-
4.35:
0 = x↵i  
↵
i   x i   i (4.32)
0 = 1 
X
i
x↵i (4.33)
0 = 1 
X
i
x i (4.34)
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0 = zi   x↵i ⌧↵   x i ⌧  (4.35)
where ⌧↵ is the ratio of total moles in phase ↵ to total moles in both phases and ⌧  is the
ratio of total moles in phase   to total moles in both phases.
Number of moles in each phase
Once the liquid phase compositions are known, the total amount of each phase in moles is
calculated with equations 4.36 and 4.37 and the number of moles of component i in phase ↵
and  , is obtained from equations 4.38 and 4.39.
n↵tot = ⌧
↵Ntot (4.36)
n tot = ⌧
 Ntot (4.37)
n↵i = x
↵
i n
↵
tot (4.38)
n i = x
 
i n
 
tot (4.39)
Compositions in the tank
In the tank, only one liquid phase is considered (see § 4.1.2). This is justified by the fact that
when liquid is being removed, only one of the two phases is removed at a time, thus giving
only one phase in the tank, and when vapor is removed, it is condensed before entering the
tank. The use of the equations related to the tank is subject to the existence of an outlet
material flux from the reactor.
When there is an outlet flow rate from one of the phases, in the model, the material removed
from the reactor is placed in a tank. This is done in order to track the cummulative compo-
sition of the mixture that is removed from the reactor. The material in the tank is assumed
to be in liquid phase: if it was removed from the reactor as vapor, it is condensed in a total
condenser before entering the tank. The composition of component i in the tank is calculated
from:
xtanki =
ntankiX
i
ntanki
(4.40)
where xtanki is the molar fraction of component i in the tank and n
tank
i is the amount in moles
of component i in the tank.
Outlet flow rates
If the removal of vapor v, liquid ↵ or liquid   is considered in the study, an algebraic equation
for the calculation of the outlet flow ratqe is necessary.
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Liquid flow rate - ideal separation (Model II)
The liquid outlet molar flow rate of component i, for the case of ideal product separation, is
computed as:
F↵i =  i⌫ir
↵ (4.41)
where F↵i is the molar flowrate, in moles per unit time, of component i leaving the reactor
and entering the tank,  i is the removal fraction of component i ( i > 0 for products and
reactants).
This is used in Model II, where ony one liquid phase exists in the reactor and the e↵ect of
the removal of each product is to be studied.
Vapor flow rate (Model II)
The total flow rate of vapor leaving the reactor is calculated as the amount vaporized (in
moles) per unit time, which is given as a proportional amount with respect to that being
produced in the reactor. This is done by defining the vaporization coe cient ( ), which
measures the rate of vaporization relative to that of reaction. The total vapor molar flow
rate (F vtot) is computed as:
F vtot =  
P
i (⌫i) r
↵ 8⌫i > 0 (4.42)
where  is the vaporization coe cient and r↵ is the reaction rate in the liquid phase. Note
that the vaporization factor can take values above 1 since the amount being produced depends
on the stoichiometry of the reaction.
Once the total vapor molar flow rate is known, the vapor molar flow rate of component i
(F vi ) is:
F vi = yiF
v
tot (4.43)
Liquid flow rate (Model IV)
Model IV includes the possibility of evaluating the e↵ect of the removal of liquid from one
of the liquid phases. In this case, the outlet molar flow rate of liquid from phase ↵ would
calculated as a function of the liquid height in the reactor, which is a function of the liquid
holdup. This holds only if the two liquid phases are not mixed in the reactor, which is the
only way one could separate one of them continuously. If the two phases are mixed, then
⇠↵f = ⇠
 
f = 0, thus no removal of the phases is considered.
In this work, this has not been studied. It should be noted that the existence of two liquid
phases is interesting since the product moves from the reaction phase to the transport phase.
This happens if one phase contains mainly the reactants and the other phase is rich in one
or both reaction products. If this is the case, removing one of the phases (from the reactor
to the tank) may not be favorable since product separation already occurs due to the phase
split and the removal of one of the phases could make the overall composition of the reactor
move outside of the two-liquid phase region.
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4.2 Generation of specific models
Specific models are generated from the generic model (§ 4.1.5) by defining the value of the
binary variables and selecting the corresponding constitutive equations and relations. Some
logical constraints to be taken into account are given in appendix D. Model I is presented in
appendix C together with its analysis and solution procedure.
For the presented method, four models are derived from the generic model presented in §
4.1.5: (i) Model I, a batch reactor model, (ii) Model II, a batch reactor model including
ideal product separation, (iii) Model III, a model for reaction and vapor-liquid equilibrium
(with reaction in the liquid phase), and (iv) Model IV, a model for reaction and liquid-liquid
equilibrium (with reaction in one of the liquid phases).
Table 4.1: List of the models used in the method (chapter 3) and the value of the binary variables used to generate
them from the generic model equations (§4.1)
Model name Phenomena ⇠↵ ⇠  ⇠v ⇠↵r ⇠
 
r ⇠
↵
f ⇠
 
f ⇠
v
f
Model I Reaction 1 0 0 1 0 0 0 0
Model II Reaction, ideal separation 1 0 0 1 0 1 0 0
Model III Reaction, VLE 1 0 1 1 0 0 0 1
Model IV Reaction, LLE 1 1 0 1 0 0 0 0
Table 4.1 presents the four models in terms of name, phenomena, and the values of the binary
variables used to generate them from the generic model equations.
The generated models have been validated qualitatively, the model validation procedure is
not shown here.
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5.1 Algorithms and sub-algorithms
Algorithms and sub-algorithms used in the method are described in this section. The division
between algorithms and sub-algorithms is done based on their use: algorithms are directly
used in one or more steps of the workflow, while sub-algorithms are used by algorithms.
Termination criteria are defined for each algorithm within the set of steps, however, even
though it is not shown, a maximum number of iterations is a termination criteron used in all
algorithms.
The presented algorithms and sub-algorithms and their objective are:
• Algorithm A1: generates binary x-y and T-xy data.
• Algorithm A2: identifies immiscible or partly miscible paris of a multicomponent mix-
ture.
• Algorithm A3: identifies the two-liquid phase temperature range within the liquid phase
region.
• Algorithm A4: generates binary LLE data.
• Algorithm A5: generates ternary LLE data.
• Algorithm A6: generates quaternary LLE data.
• Sub-algorithm SA1: calculates the bubble point temperature of a liquid mixture of
known pressure and composition.
• Sub-algorithm SA2: determines the stability of a binary liquid mixture.
• Sub-algorithm SA3: solves the LLE flash calculation.
5.1.1 Algorithm A1: Plot VLE T-xy
Algorithm A1 is used to generate binary vapor-liquid equilibrium data, more specifically x-y
(composition of component i in the vapor phase vs composition of component i in the liquid
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phase) and T-xy (temperature vs composition of component i in the liquid and vapor phase)
data are generated.
Objective: To generate binary x-y and T-xy data.
Input: - Components.
- Coe cients of vapor pressure correlation.
- Activity model for the liquid phase and EOS for the gas phase (in this work,
gas phase is ideal and UNIQUAC is used for the liquid phase).
- Parameters of the thermodynamic models (binary interaction parameters for
the activity model).
- Pressure (P ).
Output: Binary x-y and T-xy diagrams.
Note: The code for the solution of this algorithm has been implemented in ICAS-MoT.
List of actions
A1.1 Start from the first binary mixture.
A1.2 Set x01 = 0 (1 is one of the two components, preferrably the lowest boiling component).
A1.3 Compute x02 from
x02 = 1  x01
A1.4 Enter sub-algorithm SA1: give P and (x1,x2), obtain Tbp and (y1, y2).
A1.5 Store x1, y1 and Tbp.
A1.6 Compute next value of xk1 = x
k 1
1 + x (k is the number of iteration).
Check Is xk1  1 ?
Yes: go to step A1.4.
No: continue.
A1.7 Repeat for next binary mixture.
Check Are binary data generated for all binary mixtures?
Yes: exit algorithm.
No: take next binary mixture and repeat steps A1.2-A1.6.
Nomenclature: x0i is the initial value of xi, Tbp is the bubble point temperature.
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5.1.2 Algorithm A2: Identify immiscible pairs of a multicomponent mixture
Algorithm A2 is used to identify immiscible pairs (binary) within a multicomponent mix-
ture.
Objective: To identify immiscible and partially immiscible pairs.
Input: Components, temperature and pressure.
Output: Identified immiscible pairs.
Note 1: Immiscible is used meaning both immiscible and partly miscible.
List of actions
A2.1 Start from the first binary mixture.
A2.2 Enter sub-algorithm SA2 to the determine the stability of the binary mixture.
If The mixture is stable, the pair is miscible.
Else if The mixture is unstable, the pair is immiscible or partially immiscible.
5.1.3 Algorithm A3: Two-liquid phases temperature range
Algorithm A3 finds the range of temperatures (within a defined liquid-phase temperature
range) where a binary mixture splits in two liquid phases. The algorithm is designed under
the assumption that the considered binary mixtures show the following LLE behavior: if two
phases are not formed at low temperature, they cannot be formed at higher temperature
(O’Conell and Haile, 2005).
Objective: To identify the temperature range (within the liquid-phase region) where two
liquid phases are formed.
Input: - Liquid-phase operating window (Tmin, Tmax).
- Components.
Output: Liquid-liquid split temperature range.
Note: A bisection algorithm is used to find the liquid-liquid split temperature range.
List of actions
A3.1 Apply sub-algorithm SA2 for temperature Tmin.
A3.2 Apply sub-algorithm SA2 for temperature Tmax.
A3.3 Check if two phases are formed.
If two liquid phases are formed at Tmin and at Tmax, then two phases exist in all the
liquid-phase operating window.
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Else if two liquid phases are not formed neither at Tmin nor at Tmax, then two phases
do not exist in all the liquid-phase operating window.
Else if two liquid phases are formed at Tmin and not at Tmax, set a = Tmin, b = Tmax.
A3.4 Check if the temperature interval is smaller than the set tolerance.
Is | b  a |< " ?
Yes: exit algorithm, the two-phase region is a < T < b.
No: calculate c from equation 5.1 and go to step A3.4:
c =
a+ b
2
(5.1)
A3.5 Apply sub-algorithm SA2 for temperature T = c.
A3.6 Check if two phases are formed at T = c.
If two liquid phases are not formed, then set a = c and go back to step A3.4.
Else if two liquid phases are formed, then calculate | T k+1   T k | and:
Check Is | T k   Tmin |< " ?
Yes: exit algorithm, the two-liquid phase region is T k < T < T k+1.
No: set b = c and go to back to step A3.4.
Nomenclature: k is the number of iteration, a, b, c are variables associated to the bisection
method, which is used in this algorithm, Tmin and Tmax are the minimum and
maximum temperatures for the mixture to be liquid.
5.1.4 Algorithm A4: Binary LLE tie-lines
Algorithm A3 serves to generate binary LLE data (molar composition of the two liquid phases
at di↵erent temperatures).
Objective: To generate binary liquid-liquid equilibrium data.
Input: - Components.
- Activity model for liquid phases (in this work, UNIQUAC is used).
- Parameters of the thermodynamic model (binary interaction parameters).
- Range of temperatures (Tmin, Tmax)
Output: Binary LLE tie-line data.
List of actions
A4.1 Compute  T = (Tmax   Tmin) /NEP .
A4.2 Set k = 1 and T k = Tmin.
A4.3 Enter sub-algorithm SA3 with T = T k and obtain the composition of the two phases.
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A4.4 Set k = k + 1.
A4.5 Compute T k = T k 1 + T .
A4.6 Enter sub-algorithm SA3 with T = T k and obtain the composition of the two phases.
A4.7 Check termination criteria.
Is T = Tmax?
Yes: compositions for all temperature values have been obtained, terminate.
No: go to step A4.4.
Nomenclature: k is the number of iteration, NEP is the number of evaluation points.
5.1.5 Algorithm A5: Ternary LLE tie-lines
Algorithm A5 is used to generate ternary LLE data from LLE flash calculation (sub-algorithm
SA3) for ternary systems. The details of algorithm A5 are not given here.
5.1.6 Algorithm A6: Quaternary LLE tie-lines
Algorithm A6 is used to generate ternary LLE data from LLE flash calculation (sub-algorithm
SA3) for quaternary systems. The details of algorithm A6 are not given here.
5.1.7 Sub-algorithm SA1: Bubble point temperature
Sub-algorithm SA1 is used to calculate the bubble point temperature and vapor composi-
tion.
Objective: To compute the bubble point temperature and vapor composition of a given mix-
ture.
Input: - Components.
- Coe cients of vapor pressure correlation.
- Activity model for the liquid phase and EOS for the gas phase (in this work,
gas phase is ideal and UNIQUAC is used for the liquid phase).
- Parameters of the thermodynamic models (binary interaction parameters for
the activity model).
- Pressure (P ) and molar composition of the liquid phase (xi).
Output: Bubble point temperature (Tbp) and molar composition of the vapor phase (yi).
Note: This algorithm is implemented in ICAS-MoT.
List of actions
SA1.1 Initialize tear variables (T ⇤bp, y
⇤
i ).
SA1.2 Compute P sati from equation ??.
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SA1.3 Compute yi from equation 4.25.
SA1.4 Compute residual, R1, of equation 4.28.
Check Is R1 < " ?
Yes: converged, assign variables Tbp = T ⇤bp and yi = y
⇤
i and exit algorithm.
No: no converged, adjust tear variables (new guess for T ⇤bp, y
⇤
i ) and go back to
SA1.2.
Nomenclature: R1 is the residual of equation 4.28, T ⇤bp and y
⇤
i are the initial guess of the tear
variables, " is the pre-defined tolerance.
5.1.8 Sub-algorithm SA2: Stability of binary liquid mixture
The stability of a phase containing a binary mixture is studied through algorithm A3.
Objective: To determine the stability of a liquid phase.
Input: Components, temperature and pressure.
Output: Phase stability.
Note: The generation of the plot is done in ICAS-MoT.
List of actions
SA2.1 Set x01 = 0 (1 is one of the two components).
SA2.2 Compute  Gmix/RT from equation 2.18.
SA2.3 Generate plot of  Gmix/RT vs x1.
SA2.4 Identify plot shape to one of the shapes in figure 2.1 on page 10.
If the mixture is of type a, it is completely immiscible.
Else if the mixture is of type c, it is completely miscible.
Else if the mixture is of type b1 or b2, it is partially immiscible.
5.1.9 Sub-algorithm SA3: LLE flash calculation
Algorithm A5 is used to generate liquid-liquid equilibrium points for systems of NC compo-
nents. It has been tested for binary, ternary and quaternary mixtures.
Objective: To solve the liquid-liquid flash calculation and obtain the compositions of two
liquid phases.
Input: - Temperature (T )
- Composition of the unstable liquid phase (xi).
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Output: - Composition of the two liquid phases (x↵i , x
 
i ).
- Fraction (molar) of each liquid phase (⌧↵, ⌧ ).
List of actions
SA3.1 Initialize unknown variables: x↵i , x
 
i , ⌧
↵, ⌧  .
SA3.2 Calculate  ↵i and  
 
i from equations 4.12 and 4.13 with the given T , x
↵
i and x
 
i from
step SA3.1.
SA3.3 Calculate residuals of implicit equations 4.32-4.35 with values from steps SA3.1 and
SA3.2.
SA3.4 Check termination criteria.
Are the residuals smaller than certain tolerance value?
Yes: terminate.
No: new guess for the unknown variables.
5.2 Knowledge base
Due to the complexity of the formulated problem, its solution requires e cient and systematic
way to manage the data. Therefore, the data shoudl be organized in a simple and structured
manner that facilitates the search procedure afterwards. The need for an e cient knowledge
base system linked to the addressed problem is identified. The knowledge base need to provide
a simple and e cient way to organize reaction and separation data that constitute the method
dataflow.
5.2.1 Role of the knowledge base in the method and continuous updates
The knowledge base provides input data to some of the steps (steps 1 and 2) of the method
(chapter 3). Moreover, it represents a systematic and e cient way to store and retrieve data
related to the problem solution.
Every time that the described method is used for the analysis of a new reaction system, a
knowledge base search is carried out to determine whether the reaction and its corresponding
data are available. If they are not available in the knowledge base, the data is obtained from
di↵erent sources and then stored in the knowledge base. The knowledge base is therefore
dynamic and continuously updated: a tool that grows as more problems are formulated and
solved through the described method.
5.2.2 Data organization
The development of the data organization in the knowledge base has not been deeply ad-
dressed in this work. However, the general structure of the data architecture is proposed,
which is an ontology-based structure, with di↵erent classes that contain a series of items each,
and each item has a series of items of the following class.
The architecture of the knowledge base contains the following classes and hierarchy:
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• Reaction scheme: the concept of reaction scheme is defined in § 3.2
– Reaction class: the concept of reaction class is defined in § 3.2
∗ Thermodynamic model and parameters
· Quaternary LLE and VLE
· Ternary LLE and VLE
· Binary LLE and VLE
∗ Components: reactants, products (and solvent/s)
· Pure component properties
∗ Catalyst
· Kinetic model and parameters
The ontology development has been done based on the systematic methodology presented by
Singh et al. (2010), details are not given here.
5.3 Additional tools
Additional tools are presented in this section.
ICAS
ICAS stands for Integrated Computer Aided System and it includes a number of additional
tools that are used within this MSc project for various purposes.
ICAS-MoT
MoT stands for Modelling Testbed. It is an equation-based simulation tool consisting of
algebraic solvers, numerical integrators and optimizer. It is used in this steps 5, 6, and 8 of
the workflow for model analysis and solution.
ICAS-TMS
TMS stands for Thermodynamic Model Selection tool. Selection of appropriate thermody-
namic models is provided by this tool given the system components and conditions.
ICAS-ProPred
ProPred is a property prediction tool. Pure component properties are predicted based on the
molecular structure of a compound.
CAPEC Database
The CAPEC Database (Nielsen et al., 2001) is accessed through ICAS-CAPEC Database
Manager, which manages the various ICAS databases (pure component properties). It is
used in step 2 for collecting pure component property data (values and correlations).
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The developed method is applied to two case studies: the production of methyl acetate and
n-butyl acetate. First, a general overview of esterification reactions is given (§ 6.1) that serves
to show its interest for the application of the method.
Generated results and collected data related to the cases studied that are not displayed in
this chapter can be found in appendix A and B.
6.1 Esterification reactions
The esterification of carboxylic acids is a class of reactions of the form:
R  COOH+R0  OH⌦ R  COO  R0 +H2O (6.1)
where R  COOH is a carboxylic acid, R0  OH is an alcohol, R  COO  R0 is an ester and
H2O is water.
The preparation of esters is most commonly done through this reaction class from carboxylic
acids; other starting materials for producing esters are acid anhydrides, acid chlorides, amides,
nitriles, unsaturated hydrocarbons, ether, aldehydes, ketones, alcohols, and esters (via trans-
esterification) (Aslam et al., 2010).
Importance of esters
Esters have a wide range of applications which inlude solvents, plasticizers, monomers for
the manufacture of polymers in commercial use (resins, plastics and coatings), lubricants,
perfumes, flavors, cosmetics and soap, surface-active agents, etc. (Aslam et al., 2010).
Equilibrium constants
The definition of the equilibrium constant for esterification reactions:
K ⌘ aesterawater
aacidaalcohol
(6.2)
where K is the equilibrium constant, and ai is the chemical activity of component i.
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The value of K is a↵ected by the temperature, as well as the proportion of the reactants (in
many cases) (Aslam et al., 2010). Figure 6.1 shows the dependence of the theoretical yield of
ester from the initial molar ratio of reactants for di↵erent values of the equilibrium constant.
The yield varies significantly with these two variables.
Figure 6.1: Dependence of the theoretical yield of ester from the initial molar ratio of reactants (Aslam et al.,
2010).
Alternative reaction routes are usually considered for the cases with very low equilibrium
constants.
Challenges in the design of esterification processes
The equilibrium limitation of esterification makes it an interesting reaction class for the appli-
cation of intensified designs. Moreover, the mixture of components in esterification systems
(carboxylic acid, alcohol, ester and water) is characterized by a complex phase behavior:
strong liquid and vapor phase nonidealities, several binary azeotropes, ternary azeotropes (in
some cases) and liquid phase splits (Altman et al., 2011).
6.2 Production of methyl acetate
Methyl acetate finds applications as solvent and raw material (Aslam et al., 2010). The
nomenclature used in this section is shown in table 6.1.
Table 6.1: Nomenclature used in case study 1
Component Type Short name Index i
Acetic acid Reactant A 1
Methanol Reactant B 2
Methyl acetate Product C 3
Water Product D 4
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6.2.1 Step 1: Problem definition
6.2.1.1 Step 1.1: Definition of the reaction system
Task 1.1.1 Check if the reaction system is defined.
The reaction system definition is: the reactants are acetic acid and methanol, the products
methyl acetate and water, the reaction class is esterification. A catalyst needs to be selected.
Task 1.1.2 Perform a knowledge base search using the known reaction information as search
criteria.
The reaction is in the knowledge base, the catalyst is Amberlyst 15 (Po¨pken et al., 2000).
Task 1.1.3 Perform a literature search based on the known reaction information.
A literature search is not needed since the reaction information is available in the knowledge
base.
Task 1.1.4 Apply a method for synthesis of reaction paths.
Reaction path synthesis is not needed in this case: the reaction information is available.
Task 1.1.5 Apply a screening method or optimization to select one reaction path.
Screening of reaction paths necessary because only one reaction alternative is considered.
6.2.1.2 Step 1.2: Definition of the objective
Task 1.2.1 Define the objective in terms of a reaction performance indicator.
The objective is to improve the reaction performance in terms of conversion of the limiting
reactant.
6.2.2 Step 2: Data collection and storage
6.2.2.1 Step 2.1: Check knowledge base
Task 2.1.1 Perform a knowledge base search based on all items of the reaction definition.
A knowledge base search is done based on the following criteria: reactant = acetic acid,
reactant = methanol, product = methyl acetate, product = water, class = esterification,
catalyst = Amberlyst 15. The reaction is found and data are retrieved (see appendix A).
Task 2.1.2 Perform a knowledge base search based on reaction components (one by one) and
retrieve available data.
Not necessary, the complete reaction is found.
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6.2.2.2 Step 2.2: Collection of pure component data
Task 2.2.1 Collect pure component properties (see note 4).
Not necessary, pure component data is available in the knowledge base.
6.2.2.3 Step 2.3: Collection of mixture data
Task 2.3.1 Collect the following data, if available: azeotropic data (composition, pressure and
temperature), VLE x-y and T-xy diagrams, LLE tie-line data (for binary, ternary and
quaternary mixtures).
Not necessary, the data is available in the knowledge base.
6.2.2.4 Step 2.4: Collection of reaction data
Task 2.4.1 Search for reaction kinetic model and parameters in the literature.
Not necessary, the reaction kinetic model and parameters are found in the database.
Task 2.4.2 Collect reaction experimental data.
Not necessary, rate model is available.
Task 2.4.3 Determine rate law and estimate kinetic parameters from experimental data through
parameter fitting.
Not necessary, rate model is available.
6.2.2.5 Step 2.5: Storage of data in the knowledge base
Task 2.5.1 Store the collected data in the knowledge base (see note 5).
The data is already in the knowledge base.
6.2.3 Step 3: Pure component analysis
6.2.3.1 Step 3.1: Liquid-phase operating window
Task 3.1.1 Determine the liquid-phase operating window.
The minimum and maximum temperature of the liquid phase reagion are: Tmin = 289.75 K
and Tmax = 329.95 K. These are determined from the pure component melting points and
boiling points.
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6.2.3.2 Step 3.2: Binary ratios
Task 3.2.1 Generate the binary ratio matrix.
The binary ratio matrix is shown in Table 6.2.
Table 6.2: Binary ratio matrix of the system: (1) acetic acid, (2) methanol, (3) methyl acetate, (4) water.
ij MW Tm Tb SolPar
1/2 1.87 1.65 1.16 1.56
1/3 1.23 1.65 1.20 1.02
1/4 3.33 1.06 1.05 2.52
2/3 2.31 1.56 1.02 1.53
2/4 1.78 1.56 1.10 1.62
3/4 4.11 1.56 1.13 2.47
6.2.4 Step 4: Mixture analysis
6.2.4.1 Step 4.1: Analysis of vapor-liquid equilibrium
Task 4.1.1 Select thermodynamic model.
The VLE is calculated with the activity coe cient approach (( , )-approach). The validity
of the Modified Raoult’s law is assumed, thus incompressible liquid phase and ideal gas phase
are considered. The activity coe cient is calculated from UNIQUAC.
Task 4.1.2 Enter algorithm A1 to generate the binary x-y and T-xy plots for all binary mix-
tures.
All x-y and T-xy plots are generated.
Task 4.1.3 If azeotropic data has been found in the literature, check the accuracy of prediction
of binary azeotropes.
The azeotropes are predicted with acceptable accuracy.
Task 4.1.4 If azeotropes have been identified in the system, correct the liquid phase operating
window.
The maximum temperature is redifined as the lowest azeotropic temperature: Tmax = 327.15
K.
6.2.4.2 Step 4.2: Analysis of liquid-liquid equilibrium
Task 4.2.1 Select thermodynamic model.
The LLE is calculated with the activity coe cient approach (( ,  )-approach). The activity
coe cients of both liquid phases are calculated from UNIQUAC.
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Task 4.2.2 Use algorithm A2 to identify immiscible pairs.
One immiscible pair is identified: methyl acetate (3) - water (4).
Task 4.2.3 Use algorithm A3 to determine the two-liquid phase temperature range for the
identified immiscible pairs.
The binary mixture methyl acetate (3) - water (4) is immiscible in the entire liquid-phase
temperature range.
Task 4.2.4 Use algorithm A4 to generate binary LLE plots.
The algorithm has been used.
Task 4.2.5 If experimental data is available, assess the accuracy of the selected thermody-
namic model by comparison of experimental and calculated values.
The accuracy has been assessed by comparison of the prediction of azeotropes.
6.2.5 Step 5: Reaction analysis
6.2.5.1 Step 5.1: E↵ect of the reaction temperature
Task 5.1.1 Simulations with Model I for di↵erent values of temperature (T ).
A total of 5 simulations have been done.
Task 5.1.2 Generate plots: reaction performance indicator vs temperature and time required
to reach equilibrium (teq) vs temperature.
Figure 6.2 shows the e↵ect of the reaction temperature on the conversion of acetic acid (Xeq,1)
and the time to reach equilibrium (teq).
(a) E↵ect on the conversion of acid. (b) E↵ect on the time to reach equilibrium.
Figure 6.2: E↵ect of the reaction temperature. Simulations with Model I until equilibrium is reached,  =0.1,
(n0,excess/n0,l im)=1.
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Task 5.1.3 Select reaction temperature.
The selection of the temperature is a trade-o↵, if a high temperature is selected, the maximum
achievable conversion (equilibrium conversion) is low; if a low temperature is chosen, the
reaction time is long. Reaction temperatures within the range of 310 - 320 K are considered
to be a good trade-o↵ between equilibrium conversion and time to reach equilibrium. The
reaction temperature is set at T = 320 K. By increasing the temperature from 310 K to 320
K, the reaction time is decreased to half while the decrease in conversion is of approximately
0.02.
6.2.5.2 Step 5.2: E↵ect of the catalyst weight fraction
Task 5.2.1 Simulations with Model I for di↵erent values of catalyst weight fraction ( ).
A total of 7 simulations have been done.
Task 5.2.2 Generate plots: reaction performance indicator vs catalyst weight fraction, and
time required to reach equilibrium vs catalyst weight fraction.
Figure 6.3: E↵ect of the catalyst weight fraction. Simulations with Model I until equilibrium is reached, T=320
K, n0,excess/n0,l im=1. The catalyst weight fraction ( ) is defined as the ratio of catalyst weight to the
initial weight of reactants and products.
Task 5.2.3 Select catalyst weight fraction.
The catalyst weight fraction is set to   = 0.1. Values of the catalyst weight fraction between
0.1 and 0.2 are reasonable taking into account that the use of a larger amount of catalyst
increases the process operating cost. The increase in   above these values does not give a
significant decrease of the maximum reaction time (time to reach equilibrium).
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6.2.5.3 Step 5.3: E↵ect of the initial molar ratio of reactants
Task 5.3.1 Simulations with Model I for di↵erent values of initial molar ratio.
Ten simulations have been done.
Task 5.3.2 Generate plots: reaction performance indicator vs initial molar ratio.
Figure 6.4 shows the e↵ect of catalyst weight fraction   on the equilibrium conversion of
limiting reactant.
Figure 6.4: E↵ect of the initial molar ratio of acid and alcohol on the equilibrium conversion of the limiting reactant.
Simulations with Model I until equilibrium is reached, T=320 K,  =0.1). The molar ratio is defined
as n0,1/n0,2 when acid (1) is in excess and as n0,2/n0,1 when alcohol (2) is in excess. The equilibrium
conversion is Xeq,2 when acid (1) is in excess and Xeq,1 when alcohol (2) is in excess.
Task 5.3.3 Select the reactant to be added in excess.
The reaction with acetic acid as reactant in excess shows higher equilibrium conversion values
(figure 6.4). The values of the binary ratio of boiling points of the pair acetic acid (1) - methyl
acetate (3) is higher than that one of the pair methanol (2) - methyl acetate (3). In addition,
the pair methanol (2) - methyl acetate (3) forms a low boiling azeotrope, while the pair acetic
acid (1) - methyl acetate (3) does not. Even though the ratio of the solubility parameters
is higher for methanol (3) - methyl acetate (4) than for acetic acid (1) - methyl acetate (3),
it has been determined that none of these pairs shows a miscibility gap. Therefore, acetic
acid is selected as the reactant in excess based on both high performance criteria and easier
separation from the desired product.
Task 5.3.4 Select initial molar ratio (with excess of the selected reactant).
Figure 6.4 shows that, by changing the initial molar ratio, and with the selected values of
T and  , the maximum achievable value of equilibrium conversion is above 0.95. Values of
initial molar ratio between 1.5 and 3 are of interest; a value of 1.5 is selected at this point.
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6.2.6 Step 6: Ideal separation
6.2.6.1 Step 6.1: E↵ect of the removal factor
Task 6.1.1 Simulations with Model II for di↵erent values of  3.
A number of seven simulations are done.
Task 6.1.2 Simulations with Model II for di↵erent values of  4.
A number of seven simulations are done.
Task 6.1.3 Generate plots: performance indicator vs removal factor of component 3 and per-
formance indicator vs removal factor of component 4.
The e↵ect of  3 and  4 on the pre-defined reaction performance criteria are shown in figure
6.5.
(a) E↵ect of  3, removal of methyl acetate. (b) E↵ect of  4, removal of water.
Figure 6.5: E↵ect of the removal fraction of reaction products 3 and 4, i.e. ester and water. Simulations with
Model II until equilibrium is reached, T=320 K,  =0.1, n0,1/n0,2=1.5.
6.2.6.2 Step 6.2: Feasibility test
Task 6.2.1 Use plots generated in task 6.1.3 to test feasibility.
In task 6.1.3, the improvement of the reaction performance his evaluated as a function of the
removal of each product separately. Figure 6.5 shows that both the removal of methyl acetate
and water lead to an improvement of the reaction performance. Moreover, the shape of the
equilibrium conversion of alcohol vs removal fraction curve is very similar for both products,
meaning that a similar e↵ect on the conversion is obtained by removing either methyl acetate
or water. It is therefore concluded in this step that it is feasible to increase the conversion of
limiting reactant through the removal of reaction products, and that either methyl acetate
or water are to be considered as candidate products to be moved away from the reacting
mixture during reaction.
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6.2.7 Step 7: Selection of second phase
6.2.7.1 Step 7.1: Evaluation of collected and generated information
Task 7.1.1 Evaluate the collected and generated information by using the given set of rules.
Methyl acetate is the compound in the system with the lowest boiling point. In addition,
it forms a low boiling azeotrope with methanol. Regarding the option of liquid phase split,
only methyl acetate and water are partially miscible, which are the two products.
6.2.7.2 Step 7.2: Selection of configuration
Task 7.1.2 Select two phases to perform a more detailed study in the following step.
Based on the given set of rules, reaction and VLE is explored next (step 8a).
6.2.8 Step 8a: Reaction and VLE
6.2.8.1 Step 8a.1: Two-phase reaction simulation
Task 8a.1.1 Perform reaction simulation with parameters selected in step 5 and vaporization.
Done.
Task 8a.1.2 Evaluate composition of the condensate (composition in the tank) over time.
The composition of the tank shows that methanol is vaporized, therefore excess methanol
should be used. The initial molar ratio is changed to n02/n
0
1=2.
6.2.8.2 Step 8a.2: E↵ect of vaporization factor and switching time to vaporization
Task 8a.2.1 Perform simulations with di↵erent values of  and tvap.
The simulation results are shown in figure 6.3.
Table 6.3: Simulation parameters and results (equilibrium conversion of limiting reactant) for di↵erent values of
tvap and  .
Simulation no. T n1,0 n2,0   tvap  Xeq,lim
1 320 10 20 0.1 0 0 0.862
2 320 10 20 0.1 0 1 0.817
3 320 10 20 0.1 0 2 0.608
4 320 10 20 0.1 0.5 1 0.895
5 320 10 20 0.1 0.5 2 0.917
6 320 10 20 0.1 0.5 3 0.960
Task 8a.2.1 Select  and tvap based on reaction performance criteria.
From the results summarized in table 6.3, the values tvap=0.5 h and  =3 give an increase
of 11.4 % in the limiting reactant conversion at equilibrium compared to the case without
vaporization.
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6.2.9 Step 9: Report generation
6.2.9.1 Step 9.1: Summary
Task 9.1.1 Summarize the output of each step.
Table 6.4: Report of the results of case study 1.
Step Results
1 - The reaction is esterification
- The reactants are acetic acid and methanol
- The products are methyl acetate and water
- The catalyst is Amberlyst 15
- The objective is to improve the reaction performance in terms of conversion of the
limiting reactant
- The complete problem definition is as follows: for the production of methyl acetate by
esterification of acetic acid and methanol, evaluate the reaction-separation schemes, using
phase equilibrium relations, in terms of convesion of the limiting reactant.
2 - Reaction data are shown in appendix A
- Pure component data, mixture data, reaction kinetic model and its parameters are
available in the knowledge base
3 - The minimum and the maximum temperature of the liquid-phase operating window are:
Tmin = 289.75 K and Tmax = 329.95 K
- The binary ratio matrix is shown in table 6.2
4 - The VLE is calculated with the activity coe cient approach (( , )-approach). For the
gas phase the Modified Raoult’s law is used (ideal gas phase). For the liquid phase, the
activity coe cient is calculated from UNIQUAC
- T-xy and x-y plots are shown in appendix A
- The maximum temperature of the operating window is redefined as Tmax = 327.15 K
- The LLE is calculated with the activity coe cient approach (( ,  )-approach). The
activity coe cients of both liquid phases are calculated from UNIQUAC
- There is only one immiscible pair: methyl acetate (3) - water (4); the binary pair is
immiscible in the entire liquid-phase temperature range
5 - The reaction temperature is set at T = 320 K
- The catalyst weight fraction is set to to   = 0.1
- Acetic acid is selected as the reactant in excess
- The value of the initial molar ratio is set at 1.5
- The reaction performance in terms of conversion of the limiting reactant is above 0.925
with the selected conditions
6 - It is feasible to increase the conversion of limiting reactant through the removal of methyl
acetate or water
7 Vapor is selected as the second phase
8a - The reactant in excess is changed to methanol with an initial molar ratio of 2, since this
reactant is vaporized
- The reaction performance in terms of conversion of the limiting reactant is increased of
11.4 % with tvap = 0.5 h and  = 3 compared to the case without vaporization
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6.3 Production of n-Butyl acetate
The nomenclature is shown in table 6.5.
Table 6.5: Nomenclature used in case study 1
Component Type Short name Index i
Acetic acid Reactant A 1
n-Butanol Reactant B 2
n-Butyl acetate Product C 3
Water Product D 4
6.3.1 Step 1: Problem definition
6.3.1.1 Step 1.1: Definition of the reaction system
Task 1.1.1 Check if the reaction system is defined.
The reaction system definition is: the reactants are acetic acid and n-butanol, the products
n-butyl acetate and water, the reaction class is esterification. A catalyst has to be selected.
Task 1.1.2 Perform a knowledge base search using the known reaction information as search
criteria.
The reaction is in the knowledge base with catalyst Amberlyst 15.
Task 1.1.3 Perform a literature search based on the known reaction information.
This is not necessary since the information is available.
Task 1.1.4 Apply a method for synthesis of reaction paths.
This is not necessary since the information is available.
Task 1.1.5 Apply a screening method or optimization to select one reaction path.
This is not necessary since only one reaction is obtained.
6.3.1.2 Step 1.2: Definition of the objective
Task 1.2.1 Define the objective in terms of a reaction performance indicator.
The objective is to increase the conversion of limiting reactant.
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6.3.2 Step 2: Data collection and storage
6.3.2.1 Step 2.1: Check the knowledge base
Task 2.1.1 Perform a knowledge base search based on all items of the reaction definition.
A knowledge base search is done with the following: reactant = acetic acid, reactant =
butanol, product = n-butyl acetate, product = water, class = esterification, catalyst = Am-
berlyst 15. The reaction is found and data are retrieved.
Task 2.1.2 Perform a knowledge base search based on reaction components (one by one) and
retrieve available data.
The complete reaction has been found, so this does not need to be done.
6.3.2.2 Step 2.2: Collection of pure component data
Task 2.2.1 Collect pure component properties (see note 4).
Task 2.3.1 Collect the following data, if available: azeotropic data (composition, pressure and
temperature), VLE x-y and T-xy diagrams, LLE tie-line data (for binary, ternary and
quaternary mixtures).
6.3.2.3 Step 2.3: Collection of mixture data
Task 2.3.1 Collect mixture data.
The data is in the knowledge base.
6.3.2.4 Step 2.4: Collection of reaction data
Task 2.4.1 Search for reaction kinetic model and parameters in the literature.
Not necessary, the reaction kinetic model and parameters are found in the database.
Task 2.4.2 Collect reaction experimental data.
Not necessary, rate model is available.
Task 2.4.3 Determine rate law and estimate kinetic parameters from experimental data through
parameter fitting.
Not necessary, rate model is available.
6.3.2.5 Step 2.5: Storage of data in the knowledge base
Task 2.5.1 Store the collected data in the knowledge base (see note 5).
The data is stored.
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6.3.3 Step 3: Pure component analysis
6.3.3.1 Step 3.1: Liquid-phase operating window
Task 3.1.1 Determine the liquid-phase operating window.
The liquid phase operating window is determined to be the range between Tmin = 289.75 K
and Tmax=373.15 K.
6.3.3.2 Step 3.2: Binary ratios
Task 3.2.1 Generate the binary ratio matrix.
The binary ratio matrix is shown in Table 6.6.
Table 6.6: Binary ratio matrix of case study 2
ij MW Tm Tb SolPar
1/2 1.23 1.58 1.00 1.23
1/3 1.93 1.48 1.02 1.08
1/4 3.33 1.06 1.05 2.52
2/3 1.57 1.06 1.02 1.33
2/4 4.11 1.49 1.05 2.05
3/4 6.45 1.40 1.07 2.72
6.3.4 Step 4: Mixture analysis
6.3.4.1 Step 4.1: Analysis of vapor-liquid equilibrium
Task 4.1.1 Select thermodynamic model.
UNIQUAC is selected, parameters fitted based on VLE and LLE data by Steinigeweg and
Gmehling (2002) are used, they are listed in appendix B.
Task 4.1.2 Enter algorithm A1 to generate the binary x-y and T-xy plots for all binary mix-
tures.
The binary VLE plots are shown in appendix B.
Task 4.1.3 If azeotropic data has been found in the literature, check the accuracy of prediction
of binary azeotropes.
The prediction of azeotropes by the model is not accurate according to experimental data from
the literature. Low boiling azeotropes are predicted for the pairs acetic acid - n-butyl aceate
and n-butanol - n-butyl acetate are predicted and they are not reported in the literature.
However the model is not changed unless separation and VLE are to be explored.
Task 4.1.4 If azeotropes have been identified in the system, correct the liquid phase operating
window.
Azeotropic data is presented in appendix B, the maximum temperature is corrected to Tmax =
362.55 K.
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6.3.4.2 Step 4.2: Analysis of liquid-liquid equilibrium
Task 4.2.1 Select thermodynamic model.
UNIQUAC is selected, parameters fitted based on VLE and LLE data by Steinigeweg and
Gmehling (2002) are used.
Task 4.2.2 Use algorithm A2 to identify immiscible pairs.
Two immiscible pairs are identified: n-butanol - water and n-butyl acetate - water.
Task 4.2.3 Use algorithm A3 to determine the two-liquid phase temperature range for the
identified immiscible pairs.
Both immiscible pairs are partly miscible in the whole liquid-phase temperature range.
Task 4.2.4 Use algorithm A4 to generate binary LLE plots.
Task 4.2.5 If experimental data is available, assess the accuracy of the selected thermody-
namic model by comparison of experimental and calculated values.
This is done directly for quaternary data, which include binary data.
6.3.5 Step 5: Reaction analysis
6.3.5.1 Step 5.1: E↵ect of the reaction temperature
Task 5.1.1 Simulations with Model I for di↵erent values of temperature (T ).
Task 5.1.2 Generate plots: reaction performance indicator vs temperature and time required
to reach equilibrium (teq) vs temperature.
(a) E↵ect on the conversion of acid. (b) E↵ect on the time to reach equilibrium.
Figure 6.6: E↵ect of the reaction temperature (simulations with Model I until equilibrium is reached,  =0.1,
n0,excess/n0,l im=1).
Task 5.1.3 Select reaction temperature.
A reaction temperature of 340 K is selected based on figure 6.6.
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6.3.5.2 Step 5.2: E↵ect of the catalyst weight fraction
Task 5.2.1 Simulations with Model I for di↵erent values of catalyst weight fraction ( ).
Task 5.2.2 Generate plots: reaction performance indicator vs catalyst weight fraction, and
time required to reach equilibrium vs catalyst weight fraction.
Figure 6.7: E↵ect of the catalyst weight fraction (simulations with Model I until equilibrium is reached, T=340
K, n0,excess/n0,l im=1). The catalyst weight fraction,  , is defined as the ratio of catalyst weight to the
initial weight of reactants and products.
Task 5.2.3 Select catalyst weight fraction.
The catalyst weight fraction is selected to be  =0.1.
6.3.5.3 Step 5.3: E↵ect of the initial molar ratio of reactants
Task 5.3.1 Simulations with Model I for di↵erent values of initial molar ratio.
Task 5.3.2 Generate plots: reaction performance indicator vs initial molar ratio.
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Figure 6.8: E↵ect of the initial molar ratio of acid and alcohol (simulations with Model I until equilibrium is reached,
T=320 K,  =0.1). The molar ratio is defined as n01/n
0
2 when acid (1) is in excess and as n
0
2/n
0
1 when
alcohol (2) is in excess. The equilibrium conversion is Xeq,2 when acid (1) is in excess and Xeq,1 when
alcohol (2) is in excess.
Task 5.3.3 Select the reactant to be added in excess.
Based on the binary ratio matrix and the generated VLE plots, both acetic acid and n-
butanol are hard to separate from the product n-butyl acetate. According to the azeotropic
data, butanol appears in 5 of the azeotropes, including two ternary azeotropes. Therefore,
the addition of acid in excess is preferred.
Task 5.3.4 Select initial molar ratio (with excess of the selected reactant).
An initial molar ratio of 2 is selected.
6.3.6 Step 6: Ideal separation
6.3.6.1 Step 6.1: E↵ect of the removal factor
Task 6.1.1 Simulations with Model II for di↵erent values of  3.
Task 6.1.2 Simulations with Model II for di↵erent values of  4.
Task 6.1.3 Generate plots: performance indicator vs removal factor of component 3 and per-
formance indicator vs removal factor of component 4.
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(a) E↵ect of  3, removal of butyl acetate. (b) E↵ect of  4, removal of water.
Figure 6.9: E↵ect of the removal fraction of reaction products 3 and 4, i.e. ester and water. Simulations with
Model II until equilibrium is reached, T=340 K,  =0.1, n01/n
0
2=1.5.
6.3.6.2 Step 6.2: Feasibility test
Task 6.2.1 Use plots generated in task 6.1.3 to test feasibility.
The results of step 6 indicate the feasibility of achieving high conversion through product
removal.
6.3.7 Step 7: Selection of second phase
6.3.7.1 Step 7.1: Evaluation of collected and generated information
Task 7.1.1 Evaluate the collected and generated information by using the given set of rules.
The VLE study indicates that, due to the number of azeotropes and shape of the equilibrium
plots, the product separation through VLE is di cult. However, the LLE phase behavior is
to be considered.
6.3.7.2 Step 7.2: Selection of configuration
Task 7.1.2 Select two phases to perform a more detailed study in the following step.
The selected phases are liquid-liquid.
6.3.8 Step 8b: Reaction and LLE
6.3.8.1 Step 8b.1: Generation of ternary and quaternary liquid-liquid tie-line data
Task 8b.1.1 Retrieve binary and ternary tie-line data generated in step 4.
Task 8b.1.2 Enter algorithm A5 to generate ternary data.
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Task 8b.1.3 Plot data in triangular plot.
Figure 6.10: Triangular plots showing the ternary liquid-liquid equilibrium of the system acetic acid - butanol -
butyl acetate - water obtained with UNIQUAC at 298.15 K.
Task 8b.1.4 Enter algorithm A6 to generate quaternary data.
Task 8b.1.5 Plot data in tetrahedral plot or in triangular plot representing one of the planes
in the tetrahedron.
Butanol
Acetic acid
Water Butyl acetate
(a)
Butanol
Acetic acid
Water
Butyl acetate
(b)
Butanol
Acetic acid
Water
Butyl acetate
(c)
Figure 6.11: Tetrahedral plot showing the quaternary liquid-liquid equilibrium of the system acetic acid - butanol
- butyl acetate - water obtained with UNIQUAC at 298.15 K.
The generated data is compared to experimental data in appendix B. Calculated quaternary
LLE data has been found to be accurate.
6.3.8.2 Step 8b.2: Selection of initial reaction composition
Task 8b.2.1 Check initial reaction composition used in step 5 (only reactants with selected
molar ratio).
6.3.8.3 Step 8b.3: Two-phase reaction simulation
Task 8b.3.1 Perform simulation with Model IV (in MoT).
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(a) Amount (in moles) of reactants and products over
time.
(b) Conversion of the limiting reactant (acetic acid) over
time.
Figure 6.12: Conversion and composition profiles obtained for the reaction with two-liquid phases; the reacting
system is acetic acid - n-butanol - n-butyl acetate - water. Simulations done in MoT with Model IV
at 298.15 K.
(a) Molar fraction of the system compounds in the organic
liquid phase (where reaction occurs).
(b) Molar fraction of the system compounds in the aque-
ous phase (transport phase: it serves to take the prod-
uct out from the reacting phase).
Figure 6.13: Molar fraction profiles obtained for the reaction with two-liquid phases; the reacting system is acetic
acid - n-butanol - n-butyl acetate - water. Simulations done in MoT with Model IV at 298.15 K.
Task 8b.3.2 Check final reaction composition.
The final reaction composition is within the two-phase region (figure 6.14).
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Butanol
Acetic acid
Water
Butyl acetate
(a)
Butanol
Acetic acid
Water
Butyl acetate
(b)
Figure 6.14: Tetrahedral plot showing the quaternary liquid-liquid equilibrium and four simulation points at di↵erent
times: the light blue circle is the initial composition in the simulation (at t=0), the green point is the
final composition (at t=200 h), the magenta and purple points are simulation points at 0 < t < 200
h. The simulation points are within the two-liquid phase region. Simulation is done in MoT with
Model IV at 298.15 K, with  =0.1.
6.3.8.4 Step 8b.4: Evaluate reaction performance
Task 8b.3 Use simulation results to obtain the defined reaction performance indicator (e.g.
reactant to product yield).
The reaction yield is above 0.7 (figure 6.12).
Task 8b.3 Use simulation results to obtain the composition of the two liquid phases, evaluate
product pre-separation.
Water is pre-separated since there is an aqueous phase. This is an advantage for the down-
stream process since water is present in three azeotropes (which indicating separation di -
culties).
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7Conclusions and future work
7.1 Summary of achievements
The problem of evaluation and analysis of alternative reaction-separation configurations based
on phase equilibrium, has been addressed in this Master’s thesis with the objective of de-
veloping a systematic method for the solution of this problem. The following have been
developed:
• A workflow that presents the method as a step-by-step procedure in a comprehensive
manner, integrating the associated models, methods and tools used at each step.
• A generic model from which simple models are derived for their use in the method.
• The associated constraints for the model generation procedure based on the presented
generic model.
• A series of algorithms and sub-algorithms that assist the problem solution.
• Code implementation of all the models and most of the algorithms for their solution in
MoT.
The developed method is able to cope with the problem complexity in terms of co-existence of
reaction and phase equilibrium phenomena (vapor-liquid equilibrium and liquid-liquid equilib-
rium), multicomponent phase equilibrium calculations, and evaluation of di↵erent indicators
of the reaction performance. For the management of the complexity, the problem solution is
divided into a set of sub-problems that are solved in each step of the workflow.
All of the aforementioned is done through the following: a model-based evaluation of the
reaction at di↵erent conditions, a feasibility test to determine the viability of the reaction
improvement by means of continuous product removal, a rule-based selection of the two-phase
configuration, and model-based simulations of the two-phase reaction-separation system.
The solution of the method through the developed workflow provides the identification of
favorable reaction conditions from reaction and phase equilibrium knowledge, a procedure to
select two-phase reaction-separation configurations to be further evaluated, and model-based
evaluation of the reaction performance under two-phase conditions.
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The benefit determining the reaction conditions based on the reaction and separation data,
makes this method applicable for a variety of processes, even those for which existing condi-
tions are not known.
A generic reaction-separation model has been set up, which is used to derive specific models
for the considered cases: vapor-liquid and liquid-liquid phase equilibrium with reaction in the
liquid phase.
The workflow has been applied to two case studies in order to highlight its application:
production of methyl acetate and butyl acetate. Through the application to the case studies,
the method and tools have been tested. It has been proved that the inherent phase equilibrium
of the studied systems can be exploited to achieve the removal of products from the reactor.
Both esterification reactions (methyl acetate and n-butyl acetate) are slightly exothermic
and show relatively slow kinetics at low temperatures. It has been observed that in order
for the reaction to be within the two-phase region the conditions need to be changed, with
respect to the targeted desirable conditions when studying the reaction separately. Firstly,
due to the exothermic nature of the reaction, the temperature plays a key role. For the
reaction to occur in the vapor-liquid, the temperature must be elevated, which correlates
with a decrease conversion to the product. Meanwhile, if the reaction is to proceed in the
liquid-liquid region, it must occur at lower temperature; this alternatively corresponds with
higher conversions, but slower kinetics. As this shows, integrating reaction and separation
information, the limitations can be addressed simultaneously (for example, low conversion and
a separation boundary). However, the result is a reduced degree of freedom of the system
and the operating conditions must be the same for both.
7.2 Remaining challenges and future work
All the models, most of the algorithms, and some of the methods for data generation and
analysis used in the workflow have been reformulated as ICAS-MoT code. This provides the
starting point towards integrating the methodology steps and associated tools in a computer-
aided system. Moreover, the models and algorithms could be linked to an existing pure
component database (such as the CAPEC Database), a tool for property estimation (ICAS-
ProPred), a thermodynamic model selection tool (ICAS-TMS) and a database of thermody-
namic parameters (UNIFAC Database in ICAS).
The implementation of the reactor models in ICAS-MoT also provides the opportunity to
formulate and solve an optimization problem in order to determine the optimal reaction and
reaction-separation conditions.
As for the generality of the model, a next step would be its extension so it could be used for
evaluation of more types of configurations. One case would be to incorporate a membrane
model and connect it to a membrane database. Another interesting option is to include
a solvent selection methodology in the workflow so that the two-liquid phase region would
not be limited by the thermodynamics of the reaction system and the operating conditions
would not be as restricted as in the option considered in this work. Moreover, a calculation
procedure for vapor-liquid-liquid equilibrium can be included so that a three-phase system can
be simulated; this follows because some reactions show two liquid phases upon condensation
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of the vapor phase.
The developed workflow could be adapted to other reaction schemes and to multiple reac-
tions. Multiple reactions may present limitations in terms of selectivity, as the raw material
is converted to undesired by-product instead of the desired product, thus decreasing the
atom e ciency of the reaction network. The possibility of increasing the selectivity of such
reactions can be evaluated with the developed method and tools by applying simple modifi-
cations (changing the kinetic model equations and modifying the number of components in
the system, among others).
Other uses of the model that has been set up can be investigated, such as design of experiments
or the generation of reaction curve maps.
As highlighted in the introduction of this work, the integration of reaction path synthesis
methods and the developed workflow should be considered. In this way, the evaluation of
reaction alternatives would include the consideration of overcoming the reaction limitations
through integration of reaction and separation.
Finally, it should be mentioned that a more holistic approach would be needed in order to
evaluate the real e↵ect of changes in the reaction task on the rest of the process. Even though
the improvement of the separation can be devised in coupling reaction and separation tasks,
a more detailed evaluation is required for finding true optimal processes.
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ACase study 1: additional results
ICAS-MoT codes and simulation parameters are submitted in a supplementary document.
A.1 Step 2
A.1.1 Pure component data
Collected pure component data for case study 1 is shown in tables A.1 and A.2.
Table A.1: Pure component data values for case study 1 retrieved from CAPEC Database
i Component MW (g/mol) Tm (K) Tb (K)  Hf (kJ/mol) Vm (l/mol) SolPar (MPa0.5)
1 Acetic acid 60.05 289.75 391.05 -483.5 0.0576314 19.0078
2 Methanol 32.04 175.55 337.95 -238.4 0.0405811 29.5906
3 Methyl acetate 74.08 175.15 329.95 -445.89 0.0798231 19.3549
4 Water 18.015 273.15 373.15 -285.83 0.0180691 47.8127
Table A.2: Parameters of pure component correlations for case study 1 retrieved from CAPEC Database
Vapor pressure (Antoine) Liquid density
i Component Ai Bi Ci Di Ei Fi Gi
1 Acetic acid 4.87553 1770.27 -27.962 1.4486 0.25892 591.95 0.2529
2 Methanol 5.21548 1583.726 -33.988 2.288 0.2685 512.64 0.2453
3 Methyl acetate 4.43413 1296.673 -38.143 1.13 0.2593 506.55 0.2764
4 Water 5.15417 1713.681 -40.517 5.459 0.30542 647.13 0.081
87
Chapter A. Case study 1: additional results
A.1.2 Mixture data
Table A.3: Azeotropic experimental data for case study 1 from di↵erent references.
i Components Tazeo (K) Composition (weight) Composition (molar) Reference
34 methyl acetate, water 329.65 0.965, 0.035 0.870, 0.130 Ullmann
329.55 0.968, 0.032 0.8804, 0.1196 Horsley (1973)
23 methanol, methyl acetate 327.15 0.19, 0.81 0.352, 0.648] Ullmann
327.15 0.183, 0.817 0.3407, 0.6593 Horsley (1973)
14 acetic acid, water no - - Ullmann
349.75 0.03, 0.97 0.009, 0.991 Lide (2003)
Table A.4: Pure component parameter values of UNIQUAC model for case study 1 (Po¨pken et al., 2000)
i Component ri qi
1 Acetic acid 2.2024 2.0720
2 Methanol 1.4311 1.4320
3 Methyl acetate 2.8042 2.5760
4 Water 0.9200 1.4000
Table A.5: Binary interaction parameters of UNIQUAC model for case study 1 (Po¨pken et al., 2000)
ij Component i Component j aij (K) bij cij (K 1)
12 Acetic acid Methanol 390.26 0.97039  3.0613·10 3
21 Methanol Acetic acid 65.245  2.0346 3.1570·10 3
13 Acetic acid Methyl acetate  62.186  0.43637 2.7235·10 4
31 Methyl acetate Acetic acid 81.848 1.1162  1.3309·10 3
14 Acetic acid Water 422.38  0.051007  2.4019·10 4
41 Water Acetic acid  98.120  0.29355  7.6741·10 5
23 Methanol Methyl acetate 62.972  0.71011 1.1670·10 3
32 Methyl acetate Methanol 326.20 0.72476  2.3547·10 3
24 Methanol Water  575.68 3.1453  6.0713·10 3
42 Water Methanol 219.04  2.0585 7.0149·10 3
34 Methyl acetate Water 593.70 0.010143  2.1609·10 3
43 Water Methyl acetate  265.83 0.96295 2.0113·10 4
A.1.3 Reaction data
Table A.6: Reaction kinetic model for case study 1 (Po¨pken et al., 2000)
Model Equation
Pseudohomogeneous r = mcat (k1a1a2   k2a3a4)
Arrhenius ki = k0i exp
✓ Ea,i
RT
◆
Table A.7: Parameters of the kinetic model for case study 1 (Po¨pken et al., 2000)
k01 Ea,1 k
0
2 Ea,2
29610 49.19 1348000 69.23
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A.2 Step 4
A.2.1 Binary VLE equilibrium plots (task 4.1.2)
(a) (b)
Figure A.1: VLE equilibrium plots at 1 atm for the binary mixture acetic acid, methanol (1,2) - in terms of methanol
(2) composition.
(a) (b)
Figure A.2: VLE equilibrium plots at 1 atm for the binary mixture acetic acid, methyl acetate (1,3) - in terms of
methyl acetate (3) composition.
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(a) (b)
Figure A.3: VLE equilibrium plots at 1 atm for the binary mixture acetic acid, methyl acetate (1,4) - in terms of
water (4) composition.
(a) (b)
Figure A.4: VLE equilibrium plots at 1 atm for the binary mixture methanol, methyl acetate (2,3) - in terms of
methyl acetate (3) composition.
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(a) (b)
Figure A.5: VLE equilibrium plots at 1 atm for the binary mixture methanol, water (2,4) - in terms of methanol
(2) composition.
(a) (b)
Figure A.6: VLE equilibrium plots at 1 atm for the binary mixture methyl acetate, water (3,4)- in terms of methyl
acetate (3) composition.
A.2.2 Identification of immiscible pairs (task 4.2.2)
Algorithm A2 is used to identify immiscible binary pairs in the multicomponent system
through generation and visual comparison of stability plots (figure A.7).
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Figure A.7: Stability plots for the binary mixtures in the system of case study 1: acetic acid (1), methanol (2),
methyl acetate (3), water (4).
Algorithm A3 is used to determine the two phase temperature range for the identified immisci-
ble pair (methyl acetate - water). The binary mixture shows partial miscibility in liquid-phase
temperature range (figure A.8).
Figure A.8: Stability plots for the binary mixtures in the system of case study 1 at di↵erent temperatures generated
with UNIQUAC activity coe cients.
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A.3 Step 5
Figure A.9: E↵ect of the reaction temperature.
Figure A.10: E↵ect of the catalyst weight fraction.
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(a) With excess acid.
(b) With excess alcohol.
Figure A.11: E↵ect of the initial molar ratio.
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ICAS-MoT codes and simulation parameters are submitted in a supplementary document.
B.1 Step 2
B.1.1 Pure component data
Collected pure component data for case study 1 is shown in tables B.1 and B.2.
Table B.1: Pure component data values for case study 2 retrieved from CAPEC Database
i Component MW (g/mol) Tm (K) Tb (K)  Hf (kJ/mol) Vm (l/mol) SolPar (MPa0.5)
1 Acetic acid 60.05 289.75 391.05 -483.5 0.0576314 19.0078
2 n-Butanol 74.12 183.35 390.85 0.0919907 23.3536
3 n-Butyl acetate 116.16 195.15 399.25 0.132593 17.5858
4 Water 18.015 273.15 373.15 -285.83 0.0180691 47.8127
Table B.2: Parameters of pure component correlations for case study 2 retrieved from CAPEC Database
Vapor pressure (Antoine) Liquid density
i Component Ai Bi Ci Di Ei Fi Gi
1 Acetic acid 4.87553 1770.27 -27.962 1.4486 0.25892 591.95 0.2529
2 n-Butanol 5.11848 1725.333 -56.894 0.965 0.2666 563.05 0.24419
3 n-Butyl acetate 4.42299 1550.115 -49.476 0.669 0.26028 579.15 0.309
4 Water 5.15417 1713.681 -40.517 5.459 0.30542 647.13 0.081
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B.1.2 Mixture data
Table B.3: Azeotropic experimental data for case study 2 from di↵erent references
i Components Tazeo (K) Composition (molar) Reference
234 buoh-buoac-water 362.55 0.111, 0.135, 0.754 Horsley (1973)
34 buoac-water 363.35 0.278, 0.722 Horsley (1973)
24 buoh-water 365.85 0.248, 0.752 Horsley (1973)
23 buoh-buoac 389.35 0.73, 0.27 Horsley (1973)
123 hac-buoh-buoac 394.73 0.4182, 0.2396, 0.3423 Tang et al. (2005)
12 hac-buoh 396.36 0.5359, 0.4641 Horsley (1973)
Table B.4: Pure component parameter values of UNIQUAC model for case study 2 (Steinigeweg and Gmehling,
2002)
i Component ri qi
1 Acetic acid 2.2024 2.0720
2 n-Butanol 3.4543 3.0520
3 n-Butyl acetate 4.8274 4.1960
4 Water 0.9200 1.4000
Table B.5: Binary interaction parameters of UNIQUAC model for case study 2 (Steinigeweg and Gmehling, 2002)
ij Component i Component j aij (K) bij cij (K 1)
12 Acetic acid n-Butanol  198.40 1.563 0.0
21 n-Butanol Acetic acid 162.28  1.106 0.0
13 Acetic acid n-Butyl acetate  61.31  0.137 0.0
31 n-Butyl acetate Acetic acid 162.09 0.279 0.0
14 Acetic acid Water 422.38  0.051  2.40 · 10 4
41 Water Acetic acid  98.12  0.294  7.67 · 10 5
23 n-Butanol n-Butyl acetate  48.26 0.200  4.54 · 10 4
32 n-Butyl acetate n-Butanol 260.06  0.499 2.12 · 10 4
24 n-Butanol Water 1783.6  10.037 1.33 · 10 2
42 Water n-Butanol  3842.1 23.860  3.34 · 10 2
34 n-Butyl acetate Water 3512.6  16.964 2.33 · 10 2
43 Water n-Butyl acetate  775.4 4.448  4.53 · 10 3
B.1.3 Reaction data
Table B.6: Reaction kinetic model for case study 2 (Steinigeweg and Gmehling, 2002)
Model Equation
Pseudohomogeneous r = mcat (k1a1a2   k2a3a4)
Arrhenius ki = k0i exp
✓ Ea,i
RT
◆
Table B.7: Parameters of the kinetic model for case study 2 (Steinigeweg and Gmehling, 2002)
k01 Ea,1 k
0
2 Ea,2
61084 56.67 98420 67.66
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B.2 Step 4
B.2.1 Binary VLE equilibrium plots (task 4.1.2)
(a) (b)
Figure B.1: VLE equilibrium plots at 1 atm for the binary mixture acetic acid, n-butanol (1,2) - in terms of acetic
acid (1) composition.
(a) xy diagram. (b) T-xy diagram.
Figure B.2: VLE equilibrium plots at 1 atm for the binary mixture acetic acid, n-butyl acetate (1,3) - in terms of
acetic acid (1) composition.
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(a) (b)
Figure B.3: VLE equilibrium plots at 1 atm for the binary mixture acetic acid, water (1,4) - in terms of water (4)
composition.
(a) (b)
Figure B.4: VLE equilibrium plots at 1 atm for the binary mixture n-butanol, n-butyl aceate (2,3) - in terms of
acetic acid (2) composition.
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(a) (b)
Figure B.5: VLE equilibrium plots at 1 atm for the binary mixture n-butanol, water (2,4) - in terms of water (4)
composition.
(a) xy diagram. (b) T-xy diagram.
Figure B.6: VLE equilibrium plots at 1 atm for the binary mixture acetic acid, methanol (3,4) - in terms of water
(4) composition. The odd shape of (a) is due to the presence of two-liquid phases upon condensation
of the vapor phase (VLLE), which causes the numerical solution to give unreasonable results.
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B.2.2 Identification of immiscible pairs (task 4.2.2)
Figure B.7: Stability plots at 298.15 K for the binary mixtures in the system of case study 2: acetic acid (1),
n-butanol (2), n-butyl acetate (3), water (4).
Figure B.8: Stability plots for the binary mixtures n-butanol - water at di↵erent temperatures.
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Figure B.9: Stability plots for the binary mixtures n-butyl acetate -water at di↵erent temperatures
B.2.3 Quaternary LLE (task 8b)
Table B.8: Comparison of experimental and calculated quaternary LLE data for the system acetic acid - n-butanol
- n-butyl acetate - water at 298.15 K and 1 atm. Experimental data (Ruiz Bevia et al., 1984) in italics
Aqueous phase Organic phase
x 1 x
 
2 x
 
3 x
 
4 x
↵
1 x
↵
2 x
↵
3 x
↵
4
0.0000 0.0000 0.0010 0.9990 0.0000 0.0000 0.9547 0.0453
0.0000 0.0000 0.0009 0.9991 0.0000 0.0000 0.9410 0.0590
0.0000 0.0068 0.0009 0.9924 0.0000 0.2135 0.6108 0.1757
0.0000 0.0058 0.0009 0.9933 0.0000 0.2184 0.6221 0.1595
0.0000 0.0102 0.0007 0.9890 0.0000 0.3478 0.3515 0.3006
0.0000 0.0085 0.0008 0.9907 0.0000 0.3641 0.3663 0.2696
0.0000 0.0125 0.0005 0.9870 0.0000 0.4214 0.1923 0.3864
0.0000 0.0104 0.0007 0.9890 0.0000 0.4397 0.1996 0.3607
0.0000 0.0163 0.0003 0.9834 0.0000 0.4455 0.0786 0.4759
0.0000 0.0124 0.0005 0.9871 0.0000 0.4780 0.0836 0.4384
0.0000 0.0190 0.0000 0.9810 0.0000 0.4914 0.0000 0.5086
0.0000 0.0152 0.0000 0.9848 0.0000 0.4933 0.0000 0.5067
0.0115 0.0000 0.0012 0.9873 0.0228 0.0000 0.8855 0.0917
0.0129 0.0000 0.0011 0.9860 0.0217 0.0000 0.9160 0.0623
0.0214 0.0000 0.0016 0.9770 0.0603 0.0000 0.8448 0.0948
0.0312 0.0000 0.0015 0.9673 0.0514 0.0000 0.8814 0.0672
0.0329 0.0000 0.0018 0.9653 0.0828 0.0000 0.8045 0.1127
0.0448 0.0000 0.0019 0.9533 0.0726 0.0000 0.8564 0.0710
0.0441 0.0000 0.0020 0.9539 0.1018 0.0000 0.7479 0.1503
0.0576 0.0000 0.0022 0.9402 0.0919 0.0000 0.8334 0.0747
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Table B.8: Comparison of experimental and calculated quaternary LLE data for the system acetic acid - n-butanol
- n-butyl acetate - water at 298.15 K and 1 atm. Experimental data (Ruiz Bevia et al., 1984) in italics
Aqueous phase Organic phase
x 1 x
 
2 x
 
3 x
 
4 x
↵
1 x
↵
2 x
↵
3 x
↵
4
0.0551 0.0000 0.0023 0.9426 0.1376 0.0000 0.7024 0.1601
0.0772 0.0000 0.0029 0.9199 0.1208 0.0000 0.7986 0.0806
0.0680 0.0000 0.0029 0.9291 0.1595 0.0000 0.6439 0.1966
0.0929 0.0000 0.0036 0.9035 0.1430 0.0000 0.7714 0.0856
0.0772 0.0000 0.0031 0.9197 0.1884 0.0000 0.5830 0.2286
0.1106 0.0000 0.0044 0.8850 0.1674 0.0000 0.7412 0.0915
0.0942 0.0000 0.0037 0.9021 0.1959 0.0000 0.5536 0.2505
0.1219 0.0000 0.0051 0.8730 0.1826 0.0000 0.7220 0.0954
0.1061 0.0000 0.0045 0.8893 0.2156 0.0000 0.5138 0.2706
0.1369 0.0000 0.0061 0.8571 0.2023 0.0000 0.6968 0.1009
0.1211 0.0000 0.0060 0.8729 0.2472 0.0000 0.4516 0.3013
0.1598 0.0000 0.0079 0.8324 0.2315 0.0000 0.6586 0.1099
0.1336 0.0000 0.0083 0.8581 0.2502 0.0000 0.4243 0.3254
0.1679 0.0000 0.0086 0.8235 0.2416 0.0000 0.6452 0.1132
0.1485 0.0000 0.0102 0.8413 0.2738 0.0000 0.3640 0.3622
0.1882 0.0000 0.0107 0.8011 0.2663 0.0000 0.6115 0.1222
0.1646 0.0000 0.0137 0.8217 0.2835 0.0000 0.3189 0.3976
0.2025 0.0000 0.0124 0.7851 0.2830 0.0000 0.5881 0.1289
0.1821 0.0000 0.0212 0.7967 0.2923 0.0000 0.2608 0.4468
0.2181 0.0000 0.0145 0.7674 0.3009 0.0000 0.5624 0.1367
0.2115 0.0000 0.0332 0.7552 0.2942 0.0000 0.1937 0.5122
0.2370 0.0000 0.0175 0.7455 0.3217 0.0000 0.5314 0.1469
0.0062 0.0192 0.0000 0.9745 0.0267 0.4463 0.0000 0.5270
0.0098 0.0163 0.0000 0.9739 0.0237 0.4659 0.0000 0.5104
0.0131 0.0203 0.0000 0.9665 0.0409 0.4051 0.0000 0.5540
0.0168 0.0172 0.0000 0.9660 0.0394 0.4475 0.0000 0.5132
0.0201 0.0219 0.0000 0.9580 0.0580 0.3662 0.0000 0.5758
0.0253 0.0184 0.0000 0.9563 0.0572 0.4261 0.0000 0.5167
0.0270 0.0238 0.0000 0.9491 0.0672 0.3206 0.0000 0.6121
0.0321 0.0193 0.0000 0.9486 0.0705 0.4099 0.0000 0.5196
0.0373 0.0308 0.0000 0.9319 0.0795 0.2636 0.0000 0.6568
0.0423 0.0209 0.0000 0.9368 0.0889 0.3868 0.0000 0.5242
0.0082 0.0064 0.0010 0.9844 0.0328 0.1949 0.5656 0.2067
0.0113 0.0059 0.0011 0.9817 0.0308 0.2065 0.5985 0.1642
0.0172 0.0064 0.0012 0.9752 0.0628 0.1826 0.5211 0.2335
0.0229 0.0061 0.0013 0.9697 0.0603 0.1991 0.5687 0.1719
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Table B.8: Comparison of experimental and calculated quaternary LLE data for the system acetic acid - n-butanol
- n-butyl acetate - water at 298.15 K and 1 atm. Experimental data (Ruiz Bevia et al., 1984) in italics
Aqueous phase Organic phase
x 1 x
 
2 x
 
3 x
 
4 x
↵
1 x
↵
2 x
↵
3 x
↵
4
0.0261 0.0061 0.0013 0.9665 0.0907 0.1775 0.4880 0.2438
0.0342 0.0065 0.0015 0.9578 0.0875 0.1945 0.5369 0.1812
0.0363 0.0061 0.0015 0.9561 0.1182 0.1581 0.4507 0.2729
0.0477 0.0066 0.0019 0.9439 0.1159 0.1805 0.5185 0.1851
0.0487 0.0066 0.0018 0.9429 0.1349 0.1441 0.4067 0.3143
0.0591 0.0069 0.0022 0.9319 0.1390 0.1739 0.4950 0.1922
0.0566 0.0063 0.0023 0.9348 0.1559 0.1358 0.3891 0.3192
0.0701 0.0070 0.0026 0.9203 0.1593 0.1651 0.4791 0.1966
0.0671 0.0065 0.0026 0.9238 0.1826 0.1158 0.3412 0.3604
0.0873 0.0073 0.0032 0.9022 0.1883 0.1521 0.4565 0.2031
0.0825 0.0075 0.0033 0.9066 0.1825 0.1002 0.3118 0.4055
0.0963 0.0073 0.0036 0.8928 0.2017 0.1429 0.4518 0.2035
0.0944 0.0077 0.0045 0.8933 0.2098 0.0939 0.2835 0.4129
0.1136 0.0078 0.0045 0.8741 0.2283 0.1360 0.4205 0.2153
0.1089 0.0075 0.0060 0.8777 0.2267 0.0903 0.2599 0.4231
0.1281 0.0084 0.0053 0.8582 0.2488 0.1314 0.3931 0.2267
0.1226 0.0099 0.0082 0.8593 0.2360 0.0779 0.2262 0.4599
0.1416 0.0088 0.0062 0.8433 0.2662 0.1251 0.3736 0.2350
0.1354 0.0114 0.0132 0.8400 0.2407 0.0649 0.1875 0.5070
0.1544 0.0091 0.0072 0.8292 0.2813 0.1185 0.3588 0.2414
0.1551 0.0141 0.0199 0.8109 0.2369 0.0504 0.1419 0.5708
0.1679 0.0096 0.0084 0.8141 0.2965 0.1130 0.3403 0.2502
0.0076 0.0102 0.0008 0.9814 0.0313 0.3168 0.3339 0.3181
0.0097 0.0088 0.0010 0.9806 0.0307 0.3409 0.3580 0.2704
0.0152 0.0099 0.0009 0.9740 0.0619 0.2987 0.3090 0.3304
0.0200 0.0092 0.0011 0.9696 0.0603 0.3251 0.3360 0.2786
0.0242 0.0101 0.0010 0.9647 0.0877 0.2753 0.2898 0.3471
0.0305 0.0096 0.0013 0.9585 0.0874 0.3069 0.3231 0.2827
0.0318 0.0102 0.0013 0.9567 0.1108 0.2491 0.2606 0.3795
0.0411 0.0101 0.0015 0.9472 0.1122 0.2919 0.3066 0.2892
0.0410 0.0106 0.0016 0.9468 0.1302 0.2321 0.2403 0.3974
0.0514 0.0107 0.0018 0.9361 0.1343 0.2789 0.2905 0.2963
0.0510 0.0113 0.0018 0.9359 0.1490 0.2040 0.2131 0.4339
0.0638 0.0113 0.0021 0.9229 0.1583 0.2627 0.2768 0.3022
0.0625 0.0123 0.0023 0.9229 0.1651 0.1931 0.2028 0.4390
0.0745 0.0118 0.0025 0.9112 0.1774 0.2499 0.2647 0.3079
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Table B.8: Comparison of experimental and calculated quaternary LLE data for the system acetic acid - n-butanol
- n-butyl acetate - water at 298.15 K and 1 atm. Experimental data (Ruiz Bevia et al., 1984) in italics
Aqueous phase Organic phase
x 1 x
 
2 x
 
3 x
 
4 x
↵
1 x
↵
2 x
↵
3 x
↵
4
0.0725 0.0130 0.0030 0.9115 0.1673 0.1668 0.1769 0.4890
0.0829 0.0122 0.0027 0.9021 0.1913 0.2397 0.2581 0.3109
0.0883 0.0159 0.0044 0.8914 0.1806 0.1470 0.1550 0.5175
0.0972 0.0132 0.0033 0.8863 0.2130 0.2256 0.2411 0.3204
0.1015 0.0187 0.0069 0.8728 0.1896 0.1279 0.1356 0.5469
0.1097 0.0139 0.0039 0.8726 0.2301 0.2132 0.2301 0.3266
0.1151 0.0206 0.0115 0.8528 0.1882 0.1026 0.1052 0.6040
0.1208 0.0146 0.0044 0.8601 0.2443 0.2027 0.2206 0.3324
0.0076 0.0125 0.0007 0.9792 0.0310 0.3712 0.1747 0.4231
0.0100 0.0109 0.0008 0.9783 0.0307 0.4129 0.1938 0.3625
0.0136 0.0127 0.0008 0.9729 0.0427 0.2928 0.2965 0.3679
0.0147 0.0091 0.0010 0.9751 0.0455 0.3373 0.3382 0.2790
0.0223 0.0134 0.0008 0.9635 0.0762 0.3329 0.1507 0.4403
0.0274 0.0122 0.0010 0.9593 0.0769 0.3770 0.1704 0.3756
0.0313 0.0141 0.0011 0.9536 0.0987 0.3023 0.1360 0.4631
0.0382 0.0131 0.0012 0.9475 0.1016 0.3562 0.1604 0.3818
0.0392 0.0151 0.0013 0.9445 0.1126 0.2743 0.1259 0.4872
0.0466 0.0137 0.0014 0.9383 0.1194 0.3400 0.1564 0.3843
0.0466 0.0161 0.0016 0.9357 0.1257 0.2450 0.1094 0.5199
0.0559 0.0145 0.0015 0.9280 0.1370 0.3253 0.1461 0.3916
0.0586 0.0183 0.0021 0.9210 0.1395 0.2180 0.0989 0.5437
0.0673 0.0155 0.0018 0.9154 0.1572 0.3065 0.1399 0.3963
0.0708 0.0216 0.0032 0.9044 0.1495 0.1890 0.0862 0.5753
0.0787 0.0165 0.0021 0.9026 0.1754 0.2895 0.1331 0.4019
0.0874 0.0272 0.0057 0.8797 0.1490 0.1505 0.0682 0.6323
0.0899 0.0177 0.0024 0.8900 0.1917 0.2739 0.1266 0.4078
0.0077 0.0162 0.0004 0.9757 0.0231 0.4149 0.0692 0.4928
0.0085 0.0133 0.0005 0.9777 0.0237 0.4557 0.0755 0.4452
0.0127 0.0161 0.0005 0.9708 0.0489 0.3822 0.0660 0.5029
0.0177 0.0141 0.0006 0.9677 0.0473 0.4314 0.0742 0.4472
0.0215 0.0172 0.0005 0.9607 0.0643 0.3510 0.0589 0.5259
0.0258 0.0150 0.0006 0.9586 0.0660 0.4126 0.0690 0.4525
0.0296 0.0184 0.0006 0.9515 0.0771 0.3226 0.0565 0.5438
0.0332 0.0156 0.0007 0.9504 0.0825 0.3950 0.0689 0.4536
0.0378 0.0202 0.0008 0.9412 0.0990 0.2882 0.0486 0.5642
0.0450 0.0170 0.0008 0.9371 0.1053 0.3709 0.0624 0.4613
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Table B.8: Comparison of experimental and calculated quaternary LLE data for the system acetic acid - n-butanol
- n-butyl acetate - water at 298.15 K and 1 atm. Experimental data (Ruiz Bevia et al., 1984) in italics
Aqueous phase Organic phase
x 1 x
 
2 x
 
3 x
 
4 x
↵
1 x
↵
2 x
↵
3 x
↵
4
0.0462 0.0225 0.0011 0.9303 0.1044 0.2537 0.0410 0.6009
0.0520 0.0180 0.0009 0.9290 0.1177 0.3575 0.0579 0.4669
0.0500 0.0297 0.0019 0.9183 0.1106 0.1997 0.0329 0.6568
0.0594 0.0189 0.0010 0.9207 0.1303 0.3435 0.0566 0.4697
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CExample of model generation
The model equations are a set of ordinary di↵erential equations and algebraic equations. For
simplicity, the superscript ↵ is not used in this section, hence ni = n↵i , etc.
Ordinary di↵erential equations
Component mass balance: The change in the number of moles of each component is calculated
as the number of moles produced or consumed by the reaction.
dni
dt
= ⌫ir (C.1)
Algebraic equations
Kinetic model
Reaction rate model: The pseudohomogeneous (PH) model for the reaction rate is used in
this work, however, a di↵erent reaction rate law may be used.
r = mcat (k1a1a2   k2a3a4) (C.2)
Temperature dependence of the rate constants: The temperature dependence of the rate
constants is expressed by the Arrhenius’ law.
k1 = k
0
1 exp
✓ Ea,1
RT
◆
(C.3)
k2 = k
0
2 exp
✓ Ea,2
RT
◆
(C.4)
Activity calculation
Activity: The activity of each component is calculated from its activity coe cient and molar
fraction.
ai =  ixi (C.5)
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Thermodynamic model: The selected thermodynamic model provides a series of equations to
calculate the activity coe cient as a function of the temperature and the compositions.
 i = f (T ,xi) (C.6)
Molar fractions
Molar fraction: Molar fractions are calculated from the number of moles of each species and
the total number of moles.
xi =
ni
ntot
(C.7)
Total number of moles: The total number of moles is calculated as the sum of moles of all
components.
ntot =
NCX
i=1
ni (C.8)
Initial quantities
Initial mass: The initial mass of reactants and products in the reactor is calculated from the
initial number of moles and the molar weight of the components.
m0i = n
0
iMWi (C.9)
Total initial mass: The total mass of reactants and products present in the reaction mixture
at initial time is calculated as the sum of initial masses of all components.
m0tot =
NCX
i=1
m0i (C.10)
Amount of catalyst
Catalyst weight: The weight of catalyst is calculated from the initial mass of reactants and
products and the catalyst weight fraction (CWF ), which is the ratio of weight of catalyst to
total initial weight.
mcat = CWF m
0
tot (C.11)
Conversion and yield
Acid conversion: The conversion of component 1 (acid) in the reactor is calculated as the
ratio of reactant consumed in the reactor to reactant initially fed to the reactor.
X1 =
n01   n1
n01
(C.12)
Alcohol conversion: The conversion of component 2 (alcohol) in calculated similarly.
X2 =
n02   n2
n02
(C.13)
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Product yield: The yield of component 3 (ester), the desired product, is calculated as the
ratio of desired product produced to limiting reactant fed initially to the reactor.
Y3 =
n3   n03
n0lim
(C.14)
moles of limiting reactant: The moles of limiting reactant the the minimum between moles
of reactant 1 and moles of reactant 2 and this quantity is used in the calculation of product
yield.
n0lim = min
 
n01,n
0
2
 
(C.15)
C.1 Model analysis
The set of equations generated iis analyzed in this section in terms of degrees of freedom,
variable classification and incidence matrix.
C.1.1 Degrees of freedom analysis
The variables in the ordinary di↵erential equations (ODEs) and algebraic equations (AEs) of
the model are listed in table C.1.
Table C.1: Number of variables of Model I
Type Variables Number
Dependent (states) ni NC
Independent t 1
Other in ODEs ⌫i, r NC + 1
Added by AEs ai, CWF , Ea,1, Ea,2, k01, k
0
2, k1, k2, mcat, Mi, m
0
i , m
0
tot,
n0i , n
0
lim, ntot, R, T , X1, X2, xi, Y3,  i 6NC + 16
The degree of freedom (DOF ) is calculated as the di↵erence between the number of variables
and the number of equations. As shown in table C.2, in this case, the degree of freedom is
equal to 3NC + 7, hence this is the number of variables that need to be specified.
Table C.2: Degree of freedom of Model I
Number of variables 8NC + 17
Number of ODEs NC
Number of AEs 4NC + 10
Number of equations 5NC + 10
DOF 3NC + 7
C.1.2 Incidence matrix
The ordered incidence matrix of Model I is shown in table C.3. The rows of the incidence
matrix correspond to equations (first algebraic and then di↵erential) and variables (first
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di↵erential and then unknown algebraic) are placed in the columns. As it is shown in the
incidence matrix, is possible to order the algebraic equations in a lower tridiagonal form,
which means that they can be solved sequentially so an iterative procedure is not required.
Table C.3: Ordered incidence matrix of Model I (shaded cells indicate di↵erential equations and di↵erential vari-
ables)
Equation ni ntot xi m0i m
0
tot mcat k1 k2  i ai r X1 X2 Y3 n
0
lim
AE C.8 * *
AE C.7 * * *
AE C.9 *
AE C.10 * *
AE C.11 * *
AE C.3 *
AE C.4 *
AE C.6 * *
AE C.5 * * *
AE C.2 * * * *
AE C.12 * *
AE C.13 * *
AE C.14 * *
AE C.15 *
ODE C.1 * *
The solution algorithm for Model I is shown in Figure C.1.
START
NO
Initial condition for
dependent variables at t=0
Solve explicit algebraic equations
Solve right hand side of the ODEs
Final time 
reached?
YES
STOP
Figure C.1: Solution procedure for Model I.
This model can be solved sequentially since the incidence matrix can be ordered in a lower
tridiagonal form. However, Model IV (the full analysis is not presented here) has a set of
implicit equations that need to be solved simultaneously (or iteratively). For comparison, the
solution procedure is given in figure C.2.
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START
NO
Initial condition for
dependent variables at t=0
Solve first partition of explicit
algebraic equations
Solve right hand side of the ODEs
Final time 
reached?
YES
STOP
Solve iteratively implicit set of
algebraic equations
Solve second partition of explicit
algebraic equations
START
Initial estimate of xiα, xiβ, τα, τβ  
Calculate  γiα, γiβ
Calculate residuals of implicit 
equations
Residuals < Error ?
YES
STOP
NO
New 
estimate of 
xiα, xiβ, τα, τβ
Figure C.2: Solution procedure for Model IV.
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DConstraints for model generation
Some general constraints for the generation of models from the generic model presented in
chapter 4 are given below.
All variables given by the greek letter ⇠ are binary variables; mathematically this is repre-
sented as:
⇠↵ , ⇠  , ⇠v , ⇠↵r , ⇠
 
r , ⇠
↵
f , ⇠
 
f , ⇠
v
f 2 {0 , 1} (D.1)
If phase ↵ does not exist, a reaction in phase ↵ cannot occur:
⇠↵r  ⇠↵ (D.2)
Moreover, if phase ↵ does not exist, it cannot be continuously removed:
⇠↵f  ⇠↵ (D.3)
Similarly, if phase   does not exist, a reaction in phase   cannot occur:
⇠ r  ⇠  (D.4)
And, if phase   does not exist, it cannot be continuously removed:
⇠ f  ⇠  (D.5)
If there is no vapor in the system, the vapor phase cannot be removed:
⇠vf  ⇠v (D.6)
For the cases considered in this thesis, the following constraints apply.
The model has only been tested for two phases, this is translated into the following constraint:
⇠↵ + ⇠  + ⇠v  2 (D.7)
One of the phases is always liquid:
⇠↵ + ⇠    1 (D.8)
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Liquid phase ↵ is the default liquid phase, which means that when there is only one liquid
phase, it is referred as phase ↵:
⇠↵ = 1 (D.9)
If vapor is formed, it is removed:
⇠vf = ⇠
v (D.10)
Finally, removal from both phases to the tank is not allowed, only one phase can be removed
continuously:
⇠↵f + ⇠
 
f + ⇠
v
f  1 (D.11)
The constraint in equation D.11 derives from the fact that the continuous removal of one
phase is done to achieve a pre-separation of the product, which would not be achieved by
removing material from both phases at the same time. Moreover, the assumption that only
one phase is present in the tank holds due to this constraint.
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E.1 Pure component properties
E.1.1 Antoine equation
The Antoine equation is a vapor pressure equation that represents the temperature depen-
dence of vapor pressure of pure components. More accurate equations and correlations for
the same purpose are available (e.g. the Wagner equation), however, the Antoine equation
has the advantage that the values of its constants are available for a large number of species
in accessible databases (such as CAPEC Database). Each set of constants is valid within a
specified temperature range and should not be used outside of that range (Smith et al., 2005).
The Antoine equation is presented below:
log10 P
sat
i = Ai  
Bi
T + Ci
(E.1)
where Ai, Bi, and Ci are the Antoine constants of component i.
In CAPEC Database, the constants are given for equation (E.1) with pressure in mmHg and
temperature in  C. In the models of this work, the pressure is in bar and the temperature in
K. Therefore, the Antoine coe cients retrieved from CAPEC Database are converted using
the following equations:
Ai (kPa) = Ai (bar) + log10
✓
1.01325
760
◆
(E.2)
Ci (K) = Ci (
 C) + 273.15 (E.3)
E.1.2 Liquid density
The liquid density correlation from CAPEC Database is used (Nielsen et al., 2001).
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E.2 UNIQUAC
The UNIQUAC model equations (Smith et al., 2005):
 uij = aij + bijT + cijT
2 (E.4)
⌧ij = exp
✓  uij
T
◆
(E.5)
Ji =
riP
j rjxj
(E.6)
Li =
qiP
j qjxj
(E.7)
✓i =
xiqiP
j xjqj
(E.8)
si =
X
l
✓l⌧li (E.9)
ln  Ci = 1  Ji + ln Ji   5qi
✓
1  Ji
Li
+ ln
Ji
Li
◆
(E.10)
ln  Ri = qi
0@1  ln si  X
j
✓j
⌧ij
sj
1A (E.11)
ln  i = ln  
C
i + ln  
R
i (E.12)
 i = exp (ln  i) (E.13)
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Table F.1: Kinetic models in the knowledge base
Model Abbreviation Equation Parameters
Pseudohomogeneous PH r = mcat (k1a1a2   k2a3a4)
Arrhenius ki = k0i exp
✓ Ea,i
RT
◆
Van’t Ho↵ lnK =   H
 
RT
+
 S 
R
Langmuir-Hinshelwood-Hougen-Watson LHHW r = mcat
 
k1a01a02   k2a03a04 
a01 + a02 + a03 + a04
 2
!
a0i =
Kiai
Mi
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Table F.2: Reactions in the knowledge base (entries, models and references), * indicates that the values of equation parameters have been obtained through fitting of experimental
data reported in the literature.
No. Reaction class Acid Alcohol Catalyst Kinetic model Activity model Kinetic (T) Equilibrium (T) Reference
1 Esterification Formic n-Propanol Amberlyst 36 PH NRTL Arrhenius - Tsai et al. (2011)
2 Esterification Acetic Methanol Amberlyst 15 PH UNIQUAC Arrhenius - Po¨pken et al. (2000)
3 Esterification Acetic Ethanol Amberlyst 15 PH UNIFAC Arrhenius - Calvar et al. (2007)
4 Esterification Acetic n-Propanol Amberlyst 15 PH NRTL Arrhenius Van’t Ho↵ Huang and Sundmacher (2006)
5 Esterification Acetic n-Butanol Amberlyst 15 PH UNIQUAC Arrhenius - Steinigeweg and Gmehling (2002)
6 Esterification Acetic n-Pentanol H3PW6Mo6O40 PH UNIFAC Arrhenius Van’t Ho↵ Li et al. (2013)
7 Esterification Acetic n-Hexanol PH UNIFAC Arrhenius Van’t Ho↵
8 Esterification Propionic Methanol Amberlyst 15 PH UNIFAC Arrhenius* Van’t Ho↵* Ali (2008)
9 Esterification Propionic Ethanol Amberlyst 15 PH UNIFAC Arrhenius* Van’t Ho↵* Ali (2008)
10 Esterification Propionic n-Butanol Amberlyst 15 PH UNIFAC Arrhenius* Van’t Ho↵* Ali (2008)
11 Esterification Propionic Iso Amberlyst 20 PH NRTL Arrhenius Van’t Ho↵ Leyva et al., 2013
Table F.3: Reaction kinetic parameters in the knowledge base.
No. k01 Ea,1 k
0
2 Ea,2  Hr  Sr
1
2 29610 49.19 1348000 69.23 - -
3 0.002811 28.49 0.000051 26.7 - -
4 12556 50.791 - - 3.952642 0.0359356
5 61084 56.67 98420 67.66 - -
6 18318.3 26.7046 - - 7.33 0.031427
7 - - -
8 3.3882 28.67785 - - 0.97023 0.03287
9 8.04484 32.3713 - - 5.91407 0.04609
10 111.28037 40.1916 - - 8.6256 0.054361
11 1209.01 42.06984 - - -6.9679634 0.01471578
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